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Zusammenfassung

Der stetige Anstieg der anthropogenen CO,-Emissionen in die Atmosphére kann zu einer
globalen Erwdarmung und anderen schédlichen Klimawandelphdnomenen fiihren. In dieser
Hinsicht ist die direkte CO,-Hydrierung zu synthetischen Kraftstoffen oder niederen Olefinen
(C,-C4s-Alkenen), auch bekannt als CO,-Fischer-Tropsch-Synthese (CO,-FTS), eine attraktive
Moglichkeit, "Netto-Null" humanbedingte CO,-Emissionen zu erreichen. Eisenhaltige
Katalysatoren werden in der Regel fiir die CO,-FTS aufgrund ihrer Umweltfreundlichkeit,
niedrigen Kosten, hohen Aktivitit und attraktiven Selektivitidt zu hoheren Kohlenwasserstoffen
(hauptsichlich zu Olefinen) eingesetzt. Einer der Hauptnachteile solcher Katalysatoren ist

jedoch die ausgepriagte Bildung von CH4, das als unerwiinschtes Produkt angesehen wird.

Diese Arbeit ist auf die Aufkliarung von Grundlagen fokussiert, die fiir die zielgerichtete
Herstellung von eisenhaltigen Katalysatoren fiir die CO,-Hydrierung zu hdoheren
Kohlenwasserstoffen (C,,-Kohlenwasserstoffe) mit unterdriickter Methanproduktion relevant
sind. Dazu wurden Katalysatorpriparation und Materialcharakterisierung durch modernste

Techniken mit ortsaufgeldsten stationdren und transienten kinetischen Analysen kombiniert.

Es ist bekannt, dass die Methan-Bildung an Katalysatoren im stationdren Zustand durch CO-
Hydrierung an metallischem Eisen erfolgt. Fe;O4, welches die umgekehrte Wassergas-Shift-
Reaktion (RWGS) katalysiert, ist auBerdem fiir die CO,-Hydrierung zu CH4 verantwortlich.
Daher konnte die unerwiinschte Methanbildung durch Minimierung der Gehalte an
metallischem Fe und Fe;O4 in der stationdren Katalysatorzusammensetzung zugunsten von
Eisencarbiden, die fiir die Bildung von C,.-Kohlenwasserstoffen verantwortlich sind,
unterdriickt werden. Die Reduzierbarkeit des Fe,Os in frischen Katalysatoren wurde als
wichtiger Deskriptor fiir die in-situ-Bildung von FesC, und dessen Fahigkeit, Methan zu bilden,
festgestellt. Diese Eigenschaft von Eisen(Ill)-oxid kann durch die GroBe von a-Fe,Os-
Kristalliten und das Verhéltnis von a-Fe,Os3 zu y-Fe,O5 eingestellt werden. Zwar erleichtert
eine hohere Reduzierbarkeit die CO-Hydrierung zu Methan, sie senkt jedoch stark den Beitrag
der direkten CO,-Methanisierung, sodass eine geringere Gesamtbildung von CH4 stattfindet.
Die Morphologie des Eisens-(II)-oxalat-dihydrats, das als Prikursor zur Herstellung von
Eisenoxiden verwendet wird, hat den groften Einfluss auf die Methan-Selektivitit. Die
Morphologie beeinflusst die Abweichung des in situ gebildeten FesC, von der
stochiometrischen Zusammensetzung (Verhéltnis von C/Fe). Je geringer diese Abweichung ist,
desto geringer ist die Fahigkeit von FesC,, Wasserstoffzu aktivieren, und desto hoherist dessen

Fahigkeit, CO und CO; zu adsorbieren. Dies fiihrt zu einer Senkung der
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Reaktionsgeschwindigkeitder gesamten CO,-Umsetzungund sowohl zu einem hdheren Olefin-
zu-Paraffin-Verhiltnis (O(C,-C4)/P(C,-C4)) als auch zu einem hoheren Verhiltnis der

Bildungsgeschwindigkeiten von C,-Kohlenwasserstoffen und CHa.

Eine weitere Moglichkeit, die Reaktionsgeschwindigkeit der gesamten CO,-Umsetzung zu
kontrollieren, ist die Verwendung von Alkalimetallen als Promotor. Es wurde eine positive
Korrelation zwischen der Elektronegativitdt dieser Promotoren gemif3 der Pauling-Skala und
der anfénglichen Reaktionsgeschwindigkeit des gesamten CO,-Umsatzes festgestellt. Obwohl
jedes Alkalimetall die Selektivitit zu C,;-Kohlenwasserstoffen erhéht und die
Methanproduktion hindert, bestimmt die Art des Promotors die Ursache des letzteren Effekts,
der die direkte CO,-Methanisierung und die sekundére CO-Hydrierung zu Methan beeinflusst.
Die letztgenannte Reaktion ist der Hauptweg der CH4-Bildung an Rb- oder Cs-dotierten
Katalysatoren, wahrend die direkte CO,-Methanisierung an nichtdotierten sowie Li-, Na- oder
K-haltigen Materialien iiberwiegt. Obgleich die Féahigkeit des Alkalimetall-Promotors die
Selektivitdt zu C,.-Kohlenwasserstoffen und das O(C,-C4)/P(C,-C4)-Verhiltnis zu erhéhen
sowie die Methan-Selektivitdt zu hindern nicht von der verwendeten Menge an Alkalimetallen
abhéngt, gibt es einen optimalen Promotorgehalt, um die hochste Katalysatorleistung zu

erzielen.
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Abstract

The steady increase of anthropogenic CO, emissions into the atmosphere can resultin global
warming and other harmful climate change phenomena. In this regard, direct CO,
hydrogenation to synthetic fuels or lower olefins (C,-C4 alkenes) as wellknown as CO, Fischer-
Tropsch synthesis (CO,-FTS) is an attractive approach to achieve "net-zero" human-related
CO, emissions. Fe-based catalysts are usually applied for CO,-FTS because of their non-
toxicity, low cost, high activity and attractive selectivity to higher hydrocarbons (mainly to
olefins). However, one of the major drawbacks of such catalysts is high selectivity to methane,

which is regarded as an undesired product.

This study focuses on the evaluation of fundamentals relevant for the purposeful preparation of
Fe-based catalysts for CO, hydrogenation to higher hydrocarbons (C,+-hydrocarbons) with
suppressed methane production. For this purpose, tailored catalyst preparation, sophisticated
material characterization by state-of-the-art techniques were combined with spatially resolved
steady-state and transient kinetic analyses. It was found that metallic iron in steady -state
catalysts facilitates the CO hydrogenation to CH4. Fe;04 is responsible for CO, hydrogenation
towards CH4 in addition to catalyzing the reverse water gas shift (RWGS) reaction.
Respectively, the undesired methane formation could be hindered by minimizing the contents
of metallic Fe and Fe;04 in the steady-state catalyst composition in favor of iron carbides
responsible for the formation of C,;-hydrocarbons. The reducibility of fresh catalysts was
established to be an important descriptor for in situ formation of FesC, and the ability of the
latter to form methane. This property of iron (III) oxide can be tuned through the size of a-
Fe,0; crystallites and the ratio of a-Fe,O; to y-Fe,Os. Higher reducibility facilitates the CO
hydrogenation to methane, but strongly lowers the contribution of the direct CO, methanation,
thus, ensuring lower total CHy4 formation. The morphology of iron (II) oxalate dihydrate
precursor used for the preparation of iron oxides has the largest influence on the selectivity to
methane. The morphology affects the deviation from the stoichiometric composition of in sifu
formed FesC,, which is expressed as the ratio of C/Fe. The lower the deviation is, the lower the
ability of FesC, to activate H, and the higher the ability to adsorb CO and CO is. This results
in lowering the overall rate of CO, consumption, but higher olefin to paraffin ratio among C,-

Cy-hydrocarbons (O(C,-C4)/P(C;,-Cy)) and higher C,,-hydrocarbons/CH4 formation rate ratio.

Another way to control the overall rate of CO, consumption is the usage of alkali promoters. A
positive correlation betweenthe electronegativity of the promoter accordingto the Paulingscale

and the overall initial CO, consumption rate was established. Any promoter enhances the
\Y%



selectivity to Cp.-hydrocarbons and hinders the selectivity to CH4. However, the origin of the
latter effectdepends on the nature ofthe promoter, which influences the direct CO, methanation
and secondary CO hydrogenation to methane. The latter reaction is the dominant pathway of
CH,4 production over Rb- or Cs-doped catalysts, while the direct CO, methanation prevails over
non-promoted, Li-, Na- or K-promoted materials. Although any amount of alkali metal
promoter positively influences the selectivity to C,-hydrocarbons and the O(C,-C4)/P(C,-Cy)
ratio as well as hinders the selectivity to CHa, there is an optimal dopant content to achieve the

highest performance.

VI



Eidesstattliche Versicherung

Hiermit versichere ich, Andrey Skrypnik, dass ich die vorliegende Dissertation

selbstindig verfasst habe. Die benutzten Hilfsmittel wurden in der Arbeit aufgefiihrt.

Die vorliegende Arbeit wurde am Leibniz-Institut fiir Katalyse e.V. (LIKAT) an der
Universitdt ~ Rostock  im Forschungsbereich  , Katalysatorenentwicklung  und
Reaktionstechnik* (Leiter Dr. David Linke) unter der Betreuung von Prof. Dr. habil. Evgenii
V. Kondratenko (Leiter der Themengruppe ,,Reaktionsmechanismen®) angefertigt. Die
Durchfiihrung der experimentellen Arbeiten fand von Oktober 2019 bis Mai 2022 am LIKAT

in Rostock statt.

VII



Acknowledgment

This work would not be finished without the great help of my supervisor, colleagues, friends,
and family. Therefore, I would like to take this opportunity to express my sincere gratitude to
all of them.

First of all, I would like to thank Prof. Dr. Evgenii V. Kondratenko for giving me the
opportunity to stay and work in his group, for continuous motivation, fruitful discussions,
helpful scientific advises and insights, inexhaustible optimistic attitude as well as moral and

financial support during the whole period of the work on the present study.

I am grateful to Dr. Alexander A. Matvienko for his time and efforts in sharing his knowledge
with me during my diploma study and the first year of the PhD study, for his guidance, support,

involvement, given opportunities and kind understanding.

I would also like to give thanks to my colleagues from the department of “Catalyst Discovery
and Reaction Engineering” and the head of the department, Dr. David Linke, for their help and
warm and friendly welcome in the work group. I feel great gratitude to Dr. Tatiana
Otroshchenko, Karin Buchholz, Anna Zanina, Dr. Martin Fait, Dr. Mariana Stoyanova, Dr. Dan
Zhao, Nils Ortner, Dr. Uwe Rodemerck, Aleksandr Fedorov, Zeynep Aydin, Qiyang Zhangand
Laura KraufBer for always having time to help, for sharing their experiences, teaching me how
to operate set-ups and friendly work atmosphere. Special thank goes to Qingxin Yang, with
whom we constantly exchanged ideas, solved and fixed many set-up malfunctions, discussed

our findings and as a result produced a number of shared publications.

Furthermore, I would like to thank Dr. Vita A. Kondratenko for performing the TAP
experiments and a number of thoughtful suggestions and ideas, Dr. Henrik Lund for the XRD
measurements and the quantitative data analysis, Sergey A. Petrov for conducting Mossbauer

spectroscopic measurements and the data evaluation, Anja Simmula for ICP analysis.

I acknowledge the financial support of the Deutsche Akademische Austauschdienst (DAAD),
which initiated my work and stay in Germany that transformed later with the help of Prof. Dr.
Evgenii V. Kondratenko to the full-fledged PhD study.

I want to give the warmest and sincerest thank to my family, who supported, understood,
inspired me, and always believed in me notonly these three years, butmy whole life. Especially
my parents, Stanislav G. Skrypnik and Lyudmila N. Skrypnik, who gave me the best possible

education, many opportunities to develop, were always there and wished all the best for me.

Last butnot least, I want to thank Nicole Chojnacki for constant moral support and cheer up.
VIII



Table of Contents

I INIrOAUCTION ... e e e e e e e e e e e e e e e et et a et e e e e e eeeeeaeeeeeeeeeseesereees 1
1.1  Carbon dioxide — waste or feedStock? ..........ueiiiiiiiiiiiiiii e 1
1.2 CO; hydrogenation to methanol and related transformations............c.c..ccceeeeeennnnnnee 3
1.3 CO; Fischer-Tropsch synthesis........ccocuuviiiiiiiiiiiieeeeee et 7

1.3.1  Thermodynamic aspects of CO2-FTS ..., 7
1.3.2  Product distribution in CO2(CO)-FTS ....ouumiiiiiiiiiieeeeeeeeeeeeeeeeee 9
1.3.3  Mechanistic aspects of CO2-FTS .......oviiiiiiiiiiiiiiiiieeee e 11

1.3.4  Tron-based catalysts and their structural changes under CO,-FTS conditions .. 13

2 Objectives and strategy of this thesiS..........ceevriiiiiiiiiiiiiiiiiiiieeeeeeeeeee e 17
0 B @ 1) 11015 A OO PPPPPPURRT 17
2.2 Strategy and OULHIE .........eeiiiiiiiiiiiiii et e e e e e e e e e e 18

3 EXPerimental PATt..........oooiiiiiiiiiiiiiiiiicieeeie e e e e e e e e e e aaaas 20
3.1 CatalySt PrePArAtiON .....eeeeiiieeeeeeeeeieiiiit ittt eeeeeeeeeeeeeeesaebbreabarreeeeeaeeeeesesanannnes 20

3.1.1  TIron (IT) oxalate dihydrate Synthesis..........cceeereiiiiiiiiiiiiiiiiiieeeee e, 20
3.1.2  Synthesis of magnetite-containing catalysts...........ccccceeeerniiiieieiiiniiiieeeennene. 20
3.1.3  Synthesis of magnetite-containing catalysts promoted with an alkali metal..... 21
3.1.4  Synthesis of hematite-containing catalysts .........ccceeeeeierieeeeeeeeeeeiiieieiiieeieiiinns 22
3.2 Characterization MethOdS ........cooiiiiiiiiiiiiiiiii e 23
3.3 Transient experiments and their kinetic evaluation ..............cccccvvvviiiieeeereiinnnnnnnn. 26
R I S OF: 1 .1 | 45 T 1 OO PPPPPRPRRR 28

4 Results and dISCUSSION....ccuuuuiiiiiiiiiiiiie e e e et e e e e e e e e e e e e e et eeeeeaaaeeeeas 31

4.1  Magnetite-containing CatalyStS .....uuuuuuiiiiiieieeeeeeeeeeeee et e e e e 31
4.1.1  General characterization of fresh catalysts.............ccooeeeiiiiiiiiiiiiiiieeieeeeee, 31
4.1.2  Redox properties of fresh catalysts............ooiviiiiiiiiiiiiiiiiiiiiiiieeee e 35



4.1.3  Catalyst SCIeeniNg teSt.......ceiviiiiiiiiiiiiiiiiiiiieeeeeeeeeeeeeeeeeee e e e eeee e e eeeeeanes 40

4.1.4 Long-term stability catalytiC t€St.........uuuuurriiiiiiiieeeeeeeeeiiieeeeeeeeeeeeeieee 42
4.1.5 Mechanistic scheme of CO; conversion into reaction products....................... 44
4.1.6  Reaction-induced changes in catalyst cCOMPOSItION .........uvvvvierieiieeeeeeeriineennnns 46
4.1.7  Structure-activity-selectivity relationships...........cccooeiiiiiiiniiiiiiinniis 51
O R TN 0 0 0 23 OSSP RR 53
4.2  Hematite-containing catalySts.........ccceeeiuiiiiiiiiiiiiieiieee e e e e e e e e e 55
4.2.1 General characterization of fresh catalysts............ccoooeciiiiiiiiiiiiiiiiieieeees 55
4.2.2  Redox properties of fresh catalysts...........eeeiiiiiiiiiiiiiiiiiiiiiiiiiiieeee e, 58
4.2.3  CO,-FTS performance of single-phase a-Fe;O;catalysts........ccccceeeeeeeiinnnnnne 61
4.2.4  CO,-FTS performance of mixed-phase a-/y-Fe,O3catalysts...............ceeennne 64

4.2.5 Reaction-induced changes in catalyst composition and its consequence on the

CAALYHIC PETTOTINANCE ...t e e e e e e e e e e e eeeeeeeeeeeeereeeeaeees 68
4.2.6  Kinetic analysis of CO, H; and CO, interaction with spent catalysts .............. 72

4.2.7  Tron carbide defect structure and its influence on adsorption ability and catalytic

J01S 0100 14 Lo PP 77
4.2.8  SUIMIMATY ..etiiiiieieeeee et e et e e e e e e e ee ettt s e e e e e e e eeeeeeaeeeeeeeeeeeasssssnnnnnnnnnnes 80
4.3  Magnetite-containing catalysts promoted with alkali metals.............cccccceeeeieinninn. 82
4.3.1  General characterization of fresh catalysts..........ccccooeiiiiiiiniiiiiinis 82
4.3.2  The effect of the kind of the promoter on the catalytic performance............... 84
4.3.3  The effect of the amount of Rb promoter on catalytic performance ................ 89

4.3.4  The contribution of methane formation routes into the overall methane production

over alkali metal promoted magnetite containing catalysts..........cccccceeeeeveeiiiiinnnnnnnen. 92
4.3.5  SUIMIMALY ..ottt e e e e e e e e e e e e e et e e eeeeeeeeaesbbeanaean e es 95
BT 003 o] 11153 e s L PP 97
O © 1111 (oY) S OO PP PPPPPPPRTRN 100
RETETENCES. ...t e e e e 101
F N 0] 1S3 1 1s ) SO U U P PPPPPPPPPP 109



Liste der PUDIKATIONET .. eneeeee et

Wissenschaftliche BEItrAZE ........vuvuuuuuiiiiiiiiiieeee e e e e e

Curriculum vitae

XI



Abbreviations and symbols

AMU
ASF
BET
CCS
CCuU
CRI
CSR
DME
DRIFT
FID
FTS
GHSV
ICDD
NBR
MS
MTBE
MTO
MFTS
PE
PET
PP

PS
PVC
RWGS
SBR
SEM
Syngas
TAP
TCD
TEM
TGA
TPR
XRD

atomic mass unit
Anderson-Schulz-Flory
Brunauer-Emmett-Teller

carbon capture and storage

carbon capture and utilization
Carbon Recycling International
coherent scattering region

dimethyl ether

diffuse reflectance infrared Fourier transform
flame ionization detector
Fischer-Tropsch synthesis

gas hourly space velocity
International Center of Diffraction Data
nitrile butadiene rubber

mass spectrometry

methyl tert-butyl ether

methanol to olefins

modified Fischer-Tropsch synthesis
polyethylene

polyethylene terephthalate
polypropylene

polystyrene

polyvinyl chloride

reverse water gas shift

styrene butadiene rubber

scanning electron microscopy
synthesis gas

temporal analysis of products
thermal conductivity detector
transmission electron microscopy
thermogravimetric analysis
temperature-programmed reduction

X-ray diffraction
XII



XPS

ai
Bhe

Ctotal

eff
DKnudsen

Ffeed
AH%ggx

K
keff

ads

kdes
keff

diss

kdes

X-ray photoelectron spectroscopy

number of carbon atoms

magnetic hyperfine field (T)

total concentration of surface species
effective Knudsen diffusion coefficient (m?%/s)
volume flow rate of feed gas (ml/min)
enthalpy of reaction (kJ/mol)
equilibrium constant

effective adsorption constant (s1)
desorption constant (s!)

effective dissociation constant (s!)
association constant (s!)

reactor length (m)

catalyst amount (g)

molar fraction of the C,, product
molar flow of gas-phase component (mol/min)
total pressure (bar)

pulse size (molecules)

rate of chain propagation (mol/g../s)
rate of chain termination (mol/g./s)
selectivity

specific surface area (m?2/g)
temperature (K)

time (s)

weight fraction of the C,, product

conversion

chain growth probability
Bragg diffraction angle (°)
wavelength (nm)

molar fraction of product i

XIII



1 Introduction

1.1 Carbon dioxide— waste or feedstock?

Increasing emissions of greenhouse gases, such as methane, nitrous oxide, fluorinated gases
and mostly (80%) carbon dioxide (CO,), have become a major concern worldwide during the
last few decades. There is a correlation between CO, concentration in the atmosphere and the
global temperature [1]. Carbon dioxide is considered to be responsible or partly responsible for
global warming and to have a negative impact on our environment, causing harmful climate
changes leading to natural disasters such as floods, hurricanes, and droughts [2, 3]. The main
sources of carbon dioxide are power generation and manufacturing (stationary emission
sources: cement production, refineries, iron and steel industry, petrochemical industry, oil and
gas processing) [4]. In 2020, the overall CO, emission into the atmosphere was 33.5 Gt and this
value is expected to rise every year and to increase to 45 Gt in 2040 [5, 6]. The reduction of
CO; concentration in the atmosphere could help to improve ecological situation, but this would
require companies to change their politics, which is impossible without economic stimulus.
Apart from reducing CO, emissions, this gas can be captured directly from flue gases of
industrial processes or from the atmosphere and stored (CCS) [7-9]. But the limit of storage
capacity and the absence of production ofany intrinsic value makethis option unfavorable [10].
Another way to mitigate CO, emissions is to consider it as a feedstock rather than a waste.
Thus, carbon dioxide could be captured and utilized (CCU). CO, utilization processes can be
categorized in two main pathways: physical and chemical. First category includes using CO; in
the production of carbonated drinks, fire extinguishers, dry ice, solvent, process fluid,
refrigerant, and welding medium. But these applications need low CO, amounts and, therefore,
have a low effect on the overall CO, emissions [11]. Second category of applications implies
using carbon dioxide as a reactant for production of value-added chemicals. However, CO; is
highly thermodynamically stable and inert compound, AGgog=-394.4 kJ/mol. In order to engage
it in any chemical process, high reaction temperatures, reducing agents and active catalysts
should be applied. There are already industrially realized processes using CO, as a reactant
(Figure 1.1). The production of urea is the largest production utilizing CO, with more than 50%
of the overall annual usage of carbon dioxide. Its production is about 100 Mt per year and
proceeds into two steps. Carbon dioxide reacts with ammonia forming ammonium carbamate
followed by its dehydration to urea, which is used as a fertilizer and for the production of resins

[12, 13].
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Figure 1.1. (a) The annual industrial use of CO, (Mt). Y-axis is in a logarithmic scale. (b)
Industrial syntheses using CO; as a feedstock [13].

CO; is also used for large-scale production of methanol. Around 40 Mt of methanol are
produced annually. It should, however, be noted that CO is the main carbon-containing source
in the methanol production. CO; is co-converted in smaller amounts. Catalysts based on oxides
of copper and zinc are usually applied for the methanol synthesis. The direct conversion of CO,
to methanol is being under the investigation for decades and will be highlighted below.
Methanol is an important compound and used as an intermediate for the production of a variety
of chemicals such as dimethyl ether (DME), formaldehyde, methyl tret-butyl ether (MTBE) and
acetic acid [14, 15].

Carbon dioxide can be homogeneously and without any hydrogenation transformed into
carboxylates, esters, carbamates or organic/inorganic carbonates. Generally, there are two
routes: a) reaction of CO, with unsaturated hydrocarbons, or b) insertion of CO; into metal-
element(C, H or O) bonds followed by subsequent transformations into different products [16].
The most important industrialized (since the 1950s) process in this regard is ethylene carbonate
production through CO; reaction with ethylene oxide (Figure 1.1b). Cyclic organic carbonates
have a high boiling point and therefore ethylene carbonate is often used as a solvent for natural
and synthetic polymers including nylon, lignin, cellulose ester, and polyvinyl chloride (PVC).
Organic carbonates can be also used as an intermediate for polymers and polycarbonates
production[13,17,18]. Another important process utilizing CO, is carboxylic acids production.
Potassium or sodium phenol salts react with CO, under pressure (5-7 bar) to yield salts of
carboxylic acids. The latter can be recovered through acidification with H,SO4. One of the most
importantproducts is salicylic acid, which is already industrially produced foralmost 150 years.

It is used as an intermediate for acetylsalicylic acid (aspirin) production [13, 18].



The industrial processes utilize currently only 0.5% of the total anthropogenic CO, emissions
[13]. Therefore, developmentand investigation of technologies for CO, conversion are required
to mitigate the negative impact of this greenhouse gas on our environment and to provide an
additional sustainable carbon source. A promising way is thermocatalytic CO, hydrogenation
to value-added chemicals. The reduction of CO, with H, produced on CO,-free basis is a very
attractive approach to mitigate CO, emissions and to obtain alcohols, oxygenates, paraffins,

olefins or aromatics and other valuable compounds.
1.2 CO; hydrogenation to methanol and related transformations

CO; hydrogenation to methanol is one of the processes of great importance for controlling CO,
emissions and producing building blocks for the chemical industry. Methanol synthesis from
CO; (equation 1.1) is being under investigations for decades and has been successfully
commercialized. The first plant using patented Lurgi MegaMethanol® process of CO,
hydrogenation to methanol was founded in 2004 [19]. Since then, this technology was
introduced in 19 more plants. Carbon Recycling International (CRI) company has founded in
2011 their first plant of methanol production from CO,, which is situated in Iceland [20]. Its
production capacity was scaledfrom 1.3 to 4 ktper year within the four firstyears. The company
is opening new plants and increasing the methanol production worldwide every year. However,

no more or less detailed information about the type of the catalyst or reactor is available.
CO, + 3H, 2 CH30H + H,0, AH g = —49.3 k] /mol (1.1

According to the literature, the most active and selective catalysts are based on Cu as the main
active component and ZnO as the supporting material [8, 21]. ZrO,, Al,O3, In,03, Si0,, Ga,0;
or La,03 are the most excessively studied promoters reported to enhance catalyst activity and
product selectivity [22, 23]. It is assumed that oxygen vacancies in their structure are active
sites for CO, activation and hydrogenation [24, 25]. From a mechanistic viewpoint, CO;
hydrogenation to methanol can proceed through two alternative pathways (Figure 1.2). The
process starts with non-dissociative adsorption of CO, and dissociative adsorption of H,. The
adsorbed CO, species can be hydrogenated to hydrocarboxyl (COOH) or formate (HCOO)
species, which stand for the key difference between the two mechanisms. These species are

subsequently transformed into HCOH or H,CO species and finally into CH;0H.

CO, hydrogenation to methanol is an exothermic reaction (equation 1.1) [26]. The RWGS

reaction occurs in parallel as a side reaction and is favored at higher temperatures due to its
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endothermic nature (equation 1.2). Therefore, CO, hydrogenation to methanol is usually
conducted at lower temperatures to avoid the formation of CO through the RWGS reaction. An
optimal temperature for CO, to methanol conversion is 300-325 °C [25]. However, as catalysts
applied for CO; hydrogenation to methanol can also catalyze CO conversion to methanol, CO
formed as a by-product is also hydrogenated through a similar to formate route. But it should
be emphasized that when comparing CO; and CO-based processes over the same catalyst, the
former one is reported to be less effective in terms of productivity. The reason is the negative

effect of H,O, which is formed in higher amounts during CO; hydrogenation [19].
CO, + H, 2 CO + H,0, AH)ogx = 42.1 kJ/mol (1.2)

CO,(g)+3H,(g)

1

COy(g1+6H

d

trans -COOH (bi+5H mono -HCOO(mono )+5H

— | -

cis-COOH+5H Lt-COHOH+4H bi-HCOO+5H =—— HCOOH+4H
| o | B
CO+OH+5H c-COHOH +4H H,CO0+4H H,CO(@g)+0+4H
e |
HCO+OH+  COH+OH+dH H,COOH+3H
! k3 | o
I
| ST HCOH+OH+3H mmep H,CO+0H+3H =———b H,CO(H+OH+3H
H,COH +OH +2H H,CO+OH+2H
H,COH+OH+H
H,COH(g}+ OH+H
H,COH(g}+H,0(g)

Figure 1.2. A scheme of CO; hydrogenation to methanol on the surface of metallic Cu [21].

When discussing the CO;, hydrogenation to methanol process, it should be also mentioned that

methanol could be further converted to hydrocarbons via methanol to olefins (MTO) process
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(Figure 1.3). This includes alkanes, alkenes and aromatics. Alkenes, which are usually divided
into lower (light) olefins (C,-C4) and higher olefins (Cs; ), are of the mostinterest. Higher olefins
are important for industrial production of surfactants, PVC plasticizers, detergents and synthetic
lube oils [27]. Lower olefins are important building blocks for plastics, rubbers, solvents and
synthetic textiles production [28]. Ethylene, propylene and 1,3-butadiene have the highest
value. Ethylene is mostly used for the plastic production, such as polyethylene (PE),
polyethylene terephthalate (PET), polystyrene (PS) and PVC. It is also used in production of
chemical intermediates, such as ethylene dichloride, ethyl benzene and ethylene oxide [29].
Propylene is mostly used for the production of polypropylene (PP), butalso for propylene oxide
and cumene production [28, 29]. 1,3-butadiene is mostly used for the production of synthetic
rubber: styrene butadiene rubber (SBR), polybutadiene rubber, nitrile butadiene rubber (NBR)
and etc. It is also applied in the production of adiponitrile and acrylonitrile-butadiene-styrene
[28,30]. The demand for these chemicals is rising every year. That is why CO, hydrogenation
to hydrocarbons is a promising way to close this gap.

Methanol-mediated
hydrocarbons synthesis

Methanol Methanol
to olefins

Figure 1.3. Pathways of hydrocarbon production through methanol-mediated synthesis.

As the methanol-mediated synthesis comprises two consecutive steps: methanol synthesis and
its conversion into hydrocarbons through MTO reactions (equations 1.1, 1.3-1.5), a two-stage
reactor (indirect route) with the catalysts suited for each step could be used. An advantage of
such operation is that each reactor could be run under specific optimized reaction conditions.
However, as two steps are not mutually exclusive, a single-reactor operation (direct route) is
possible and even preferable, because it is more economical and energy-efficient. This is crucial
for the process commercialization [31]. For this reason, many researchers are focused on the
investigation of the directroute. Therefore, the catalysts applied for CO, hydrogenation through
methanol-mediated synthesis should be active in both mentioned reactions. As was mentioned
above, metal oxides are usually employed to catalyze the first step (methanol synthesis). Solid
acid catalysts are used for the conversion of methanol to the desired hydrocarbons [32, 33].
ZSM-5 and SAPO-34 are usually applied in the MTO step. Acidic sites of zeolites are suggested

to be responsible for the chemical conversion of methanol into hydrocarbons [32, 34].
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Therefore, a physical mixture of metal oxides or mixed-metal oxides and zeolites is often

applied for methanol-mediated hydrocarbons synthesis.

2CH30H 2 C,H, + 2H,0, AHZ9g¢ = —29.3 k] /mol (1.3)
3CH30H 2 C3Hg + 3H,0, AHYgex = —102.3 k] /mol (1.4)
nCH3;0H 2 C,Hy, +nH,0, AHDggr < 0 (1.5)

While the mechanism of CO, hydrogenation to methanol is well studied and was already
highlighted above (Figure 1.2), there is much less understanding about the MTO reactions
mechanism. It is reported that methanol conversion rate during the MTO reaction is very low
at the initial period of time but increases drastically after the induction period. Itis assumed that
olefins formed during this induction period are then taking part in the reaction and enhancing
the rate of methanol conversion. That indicates that the MTO reaction is an autocatalytic
process. The pool mechanism was suggested to describe the reaction pathways (Figure 1.4).
Methanol forms first a pool of active hydrocarbon species inside the pores of zeolite catalysts.
Then methanol reacts with such species to yield light olefins, which are further transformed
through condensation, cyclization, alkylation and hydrogen transfer reactions into alkanes,
higher olefins, and aromatic hydrocarbons [35, 36]. The product selectivity is usually tuned by
the zeolite pore architecture. Small pores prevent the formation of heavy and/or branched
hydrocarbons in favor of lower linear olefins [37]. However, the exact pathway of product

formation is not yet established.

CoH,

CH,OH

(CHy), «— C3H,

\i: Saturated hydrocarbons
Coke

C,Hs

Figure 1.4. A carbon-pool mechanism for the conversion of methanol to hydrocarbons [38].



As was stated above, an optimal temperature for CO, hydrogenation to methanol is 300-325 °C
[25]. But the MTO reaction requires higher temperatures. For instance, 400-450 °C was
reported to be the optimal temperature for this reaction over SAPO-34. These temperatures are,
however, too elevated for the selective hydrogenation of CO, to methanol [39]. A compromise
in the reaction conditions should always be found for an optimal combination ofboth processes.
Because of above mentioned limitations, the best-performing catalysts showed the conversion
of CO; on the level of only 13% with 47% CO selectivity. However, it should be mentioned,
that among all hydrocarbons produced the lower olefins fraction was 80% [26]. Therefore, the
methanol-mediated pathway of CO, hydrogenation to hydrocarbons is potentially a very
promising way of CO; utilization, if selectivity to CO could be further suppressed.

1.3 CO; Fischer-Tropsch synthesis

Another possibility to convert CO; into higher hydrocarbons (C,:-hydrocarbons) is modified
Fischer-Tropsch synthesis (MFTS) as well known as CO, Fischer-Tropsch synthesis (CO,-
FTS). Itis distinguished from the methanol-mediated synthesis by its intermediate. In CO,-FTS
carbon dioxide is first reduced to CO through the reverse water gas shift (RWGS) reaction
followed by the chain propagation through the classical CO Fischer-Tropsch synthesis (CO-
FTS) (Figure 1.5)[29, 40,41].

Modified Fischer-
Tropsch synthesis

Reverse Water

Gas Shift Fischer-Tropsch
C02 * HZ reaction CO N HZO synthesis CxHy + HZO

Figure 1.5 A pathway of hydrocarbon production through modified Fisher-Tropsch
synthesis.

1.3.1 Thermodynamic aspects of CO,-FTS

As was mentioned above, the RWGS reaction is an endothermic process (equation 1.2) and
requires high temperatures to reach high degrees of CO, conversion, while the CO-FTS is an
exothermic reaction (equations 1.6-1.8). Thus, the conversion and product distribution are
directly affected by the reaction temperature as well as pressure and H,/CO, feed ratio
(equations 1.9-1.10). Therefore, like in the case of the methanol-mediated pathway of
hydrocarbons formation, a compromise in the reaction temperature is required to efficiently
convert CO, into the desired products. The CO, conversion through the RWGS step is
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thermodynamically limited. Itis between 23 and 30% at typically applied reaction temperatures
(300 — 400 °C) for CO,-FTS. However, the consecutive CO hydrogenation steps, which are
limited kinetically, usually shift the equilibrium of CO, conversion towards higher levels. Yao
et al. [42] analyzed the thermodynamics of CO,-FTS considering only the formation of olefins
as hydrocarbon representatives. These compounds are regarded as primary products in the CO

hydrogenation reaction.

2CO + 4H, 2 C,H4 + 2H,0, AHJygx = —210.32Kk]/mol (1.6)
3CO + 6H, 2 C3Hg + 3H,0, AH)ogr = —373.6k]/mol (1.7)
nCO + 2nH, 2 C,Hy, +nH,0, AHgr < 0 (1.8)
K = exp (- =22+ 4.33) (1.9)
XZ
= " Tons (1.10)

where K is equilibrium constant, X is conversion of CO; and n stands for the H,:CO; ratio.

Yao et al. [42] found that the equilibrium conversion of CO; decreases with an increase in the
temperature in the range of 100 —450 °C and increases with an increase in the temperature in
the range of 450 — 1000 °C. The reason is that the CO-FTS reaction is favored at lower
temperatures and all CO formed through the RWGS reaction is converted into olefins. Thus,
the equilibrium of the RWGS reaction shifts to the right side resulting in a high CO, conversion
and low CO selectivity. This selectivity is very low below 400 °C but increases rapidly with a
further increase in the temperature. The selectivity to olefins follows an opposite trend. It is
almost 100% below 400 °C and decreases sharply with rising temperature [42]. An optimal
temperature for the synthesis of lower olefins (C,-Cg) is between 300 and 400 °C while the
formation of higher olefins (C7+) is favored below 300 °C [43]. An increase in the reaction
pressure has a positive effect both on the CO, conversion and the selectivity to lower as well as
higher olefins. The selectivity to olefins, however, grows slightly after a sharp increase in the
range of 0.1 — 3 bar. The ratio of H,/CO, also affects catalytic performance. For example, CO,
conversion increases significantly with an increase in the molar ratio of H,/CO, from 0.1 to 3.
Further increase in the molar ratio has almost no effect on the conversion of CO, [44]. The
selectivity to olefins is almost not affected when the H,/CO, ratio increases above 1 [42].
However, it should be noted, that when considering the formation of all hydrocarbons, using a

feed with the H,/CO, molar ratio higher than 3 leads to a significant production of methane and
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paraffins [45]. The H,/CO, ratio of 3 — 4 is reported to be optimal for the high level of CO,
conversion and olefins production. Thus, reaction conditions beneficial for the production of
lower olefins at high degrees of CO, conversion are medium reaction temperature (300 - 400
°C), high reaction pressure (> 3 bar) and high H,/CO, molar ratio (3 - 4). These theoretical

finding were supported by practical works of multiple researchers [46-48].
1.3.2 Product distribution in COy(CO)-FTS

The Anderson-Schulz-Flory (ASF) theory was developed to describe the product distribution
in CO-FTS [49]. It provides the relationship between the selectivity and the chain growth
probability (equation 1.11). The latter is represented by the a factor, which reflects the
probability that a CO molecule will react to extend the hydrocarbon chain. a factor is
determined by the rates of chain propagation and termination (equation 1.12). It is assumed that
the chain growth probability doesnot depend on the number of carbon atoms in a hydrocarbon,
butit could be influenced by different factors such as process conditions, type of catalyst and
chemical promoters [50]. The typical ranges of a over Ru-, Co-, and Fe-based catalysts in CO-
FTS are 0.85-0.95, 0.70-0.80, and 0.50-0.70, respectively [51]. More common expressions for
the product selectivity and o are given by equation 1.13. It is usually applied in the logarithmic

form because the chain growth probability could be easily estimated as the slope tangent from

the linear dependence of In (%) from n (equation 1.14).

M, = (1 —a)a? (1.11)
—_'p
a= 2 (1.12)
W, =n(1—a)?a? (1.13)
(1-)?

In (%) = nlna + In (1.14)

where M, is the molar fraction of the C,, product, a is the chain growth probability, n is the
number of carbon atoms in a hydrocarbon (n > 1), r, is the rate of chain propagation, r; is the

rate of chain termination and W, is the weight fraction of the C,, product.

Figure 1.6 shows the selectivity to hydrocarbons as a function of the o parameter. It could be
seen that according to the ASF model the lower the chain growth probability, the higher
selectivity to methane is. The maximal selectivity to C,-C,4 hydrocarbons reaches 58% with an

a value between 0.4 and 0.5 [52]. This feature was long considered as a major restriction for
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the industrial application of the CO-FTS [53]. However, significant deviations from the ASF
distribution have been reported in the literature [54]. One of such deviations is relatively high
selectivity to methane. Several explanations have been proposed to describe the observed
feature. Wojciechowski [55] modeled the distribution of hydrocarbons using different
termination probabilities. Thus, the excess of methane formation was described with a separate
parameter having an increased termination probability of C; precursor. The termination
probability of methane was reported to be 5 - 20 times larger than the termination probability
of other hydrocarbons[56].

100
90 Methane
80
70
60
50
40
30
20
10

0

Weight percent (wt%)

0 0,2 0,4 0,6 0,8 1
Chain growth probability (a)

Figure 1.6. Selectivity dependence on the chain growth probability parameter according to
Anderson-Schulz-Flory model [28].

Another possible reason for high methane formation is mass- and heat-transfer limitations [51].
The mass-transfer limitations wouldresultin an increase in the formation of thermodynamically
favored product - methane. The heat-transfer limitations could lead to the appearance of hot
spots because of reaction exothermicity, which may result in a decrease in the chain growth
probability factor and a higher formation of methane [57]. Third explanation is possible
secondary hydrogenolysis reactions of higher hydrocarbons (equation 1.15) [58]. It should be
noted that the hydrogenolysis is strongly hindered with increasing CO and H,O pressures [59].
Thus, the hydrogenolysis could participate in methane formation, but it is unlikely that it is
alone responsible for high methane yield. One more assumption for this ASF deviation is a
different catalytic site for the methanation reaction [60]. It is supported by some other studies,

where the negative deviation of the ASF model for methane yield was observed [61, 62]. Itis
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assumed that catalysts possess different active sites responsible for C-C coupling reactions and
for methane formation. It is reported that these sites could be modified independently by
addition of promoters such as sulfur [63]. However, the exact nature of these sites is not
specified. Therefore, it is problematic to point out a single process accountable for the

deviations in methane production from the ASF model under all circumstances.
ChH, ., +H* 2 Cy1H;, _; + CH; (1.15)

Another disagreement of the experimentally obtained data from the ASF model prediction is
anomalistic low production of ethane and especially ethene. Wojciechowski [55] suggested a
higher reactivity of C, products in comparison with other higher hydrocarbons. A higher chain
propagation rate would lead to a lower yield of ethane and ethene. Another possible explanation
is the presence of secondary reactions. One of the possible secondary reactions is the
incorporation of ethene into growing chains [64]. Adsorbed ethene may act as the chain growth
initiator or be converted into methylenemonomer, which participatesin chain growth reactions.
This reaction would have an effect on the distribution of C, and longer-chain hydrocarbons
[65]. Iglesia et al. [59] found that ethene and propene have not only a higher reactivity in
comparison with other olefins but also a higher adsorption constant. The strong adsorption of
formed ethene would lead to a decrease in its yield and an increase in the production of ethane
and higher hydrocarbons through ethene secondary hydrogenation. As it was mentioned above,
the hydrogenolysis of ethane and ethene to methyl (equation 1.15) could also contribute to
lower C,-hydrocarbons yield [66].

One more deviation from the ASF distribution model is the change of chain growth probability
factor for long-chained hydrocarbons. Ata carbon number of about 10, a value is reported to
increase with an increase in a number of carbon atoms in a hydrocarbon [57]. An explanation
of this effect is the inhibited diffusion and enhanced adsorption of heavy hydrocarbons. Longer
residence times facilitate secondary hydrogenation and chain prolongation. As a result,
accumulation of long-chained hydrocarbons is observed. The increased concentration is
followed from internal diffusion limitation [67]. Therefore, it should be kept in mind that the

ASF model is deficient and useful only as an approximation.

1.3.3 Mechanistic aspects of CO,-FTS

It is generally accepted that CO, is initially reduced to CO through the RWGS reaction. The

formed CO is then hydrogenated to hydrocarbons. Two mechanisms are proposed to describe
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the RWGS reaction: i) the redox mechanism, and ii) the associative mechanism (Figure 1.7). In
the redox mechanism, dissociative adsorption of CO; occurs on an active site, which leads to
the oxidation of the latter and the formation of adsorbed CO species. CO then desorbs from the
surface. The active site is reduced back with the help of H, yielding the water [68]. In the
associative mechanism, CO, adsorbs non-dissociative on an active site. H, adsorbs and
dissociate on another active site and reacts with adsorbed CO, with the formation of a surface
intermediate. It is accepted that the surface intermediate is formate, however, carbonate,
carbonyl and carboxylate species were also considered [69]. The intermediate dissociates and
desorbs as CO and water. In both mechanisms oxygen vacancies of the active site are believed
to play an important role for CO, adsorption [6]. The adsorption of CO, with or without the

dissociation refills the oxygen vacancy on the surface of the catalyst and CO desorbs.

Redox pathway
1) CO, (g) + s 2 CO,s
2) CO,s+s2C0Os+0s
3)COs2CO(g)+s
4)H, (g) + Os 2 H,Os
5) H,O0s 2H,0(g) +s

Associative pathway

1) H, (9) + s 2 Hys
2)H,s+s2Hs+Hs

3) CO,(g) +s 2 CO,s

4) Hs + CO,s 2 COOH's +s

5) COOHs + Hs 2 CO (g) + H,O (g) + 2s

Figure 1.7. Redox and associative pathways of the RWGS reaction on the surface (s) of a
catalyst [70].
There are several mechanisms proposed for CO hydrogenation reactions [71]. The generally
accepted mechanism describing the formation of hydrocarbons is the so-called carbide
mechanism [54]. The building block in the carbide mechanism is considered to be a methylene
(CH,) group. The first step is the dissociative adsorption of CO and H; (Figure 1.8). CH, CH,,
and CHj species are formed through the interaction of adsorbed C and H atoms. The insertion
of CH; into a growing alkyl chain is the elementary step of chain propagation reactions.
According to the mechanism, olefins are formed when the process is terminated by
dehydrogenation. On the other hand, if the chain propagation reaction is terminated by addition

of H, or CHj; paraffins are produced.
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Figure 1.8. The carbide mechanism of the CO-FTS on the surface of Fe-based catalyst [54].

1.3.4 Iron-based catalysts and their structural changes under CO»-FTS conditions

A CO,-FTS catalyst should be able to catalyze both the RWGS and CO-FTS reactions under
the same conditions. Unfortunately, Co-based catalysts — a well-known materials for CO-FTS
— produce mainly methane in CO,-FTS due to its low activity in the RWGS reaction. Cu
containing catalysts, on the other hand, usually applied for the RWGS reaction are inefficient
in CO,-FTS. As Fe-based catalysts show reasonable activity for both the RWGS and CO-FTS
reactions, they are typically applied for CO,-FTS [9, 52]. Their additional advantages are low
cost, non-toxicity, reasonable CO, conversion levels and selectivity to higher hydrocarbons,
especially target products — lower olefins [29, 72]. Although it is not rare that iron-based
catalysts are promoted with moderate amounts (up to 17 wt%) of Co or Cu to facilitate the CO,

conversion [73,74].

Fe-based catalysts undergo structural changes under CO,-FTS conditions and are transformed
mainly into Fe;O4 and iron carbides. These in situ transformations and, correspondingly, the
resulting catalytic performance depend on many factors, such as catalystinitial composition, its
microstructure, preparation method, presence of support or/and promoter(s), pretreatment and
reaction conditions as reported in many studies dealing with CO,-FTS [75-80]. Fe;0y4 is
regarded to be an active phase for the RWGS reaction, while iron carbides are responsible for
the formation of higher hydrocarbons [81-83]. Different iron carbides such as Fe,C, Fe;,C,
Fe;Cs, FesC, and Fe;C are reported to be formed under CO,-FTS conditions [84]. All of them

were proved to be active, with Fe;C; and Fe;C possessing the highest and the lowest activity,
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respectively [85]. The thermal stability of iron carbides increases with a decrease in carbon
fraction: Fe,C < Fe, ,C < Fe;Cs < FesC, < FesC. The Fe,C and Fe, »C carbides are formed at
low temperatures and converted into FesC, above 250 °C. Hagg’s carbide (FesC,) is stable in
the temperature range from 250 to 350 °C and transformed into Fe;C above 350 °C [86]. The
rate of such phase transformations depends on the size of crystallites and the kind of
impurities/promoters. The phase composition of iron carbides, their content and microstructure
(particle size) have a significant influence on the catalytic activity and product selectivity in
CO-FTS [87]. In the range of typically applied reaction temperatures for CO,-FTS (300 — 400
°C) FesC, is the main active and predominant iron carbide phase. Its activity increases with a
decrease in the particle size. It was suggested that there is an optimal particle size which leads
to a high activity in CO-FTS and moderate selectivity to lower olefins [84, 88]. However, the
decrease in the particle size also leads to an increase in methane selectivity. It should
nevertheless be emphasized that the role of iron carbides in CO/CO,-FTS, including their
formation and the influence of their parameters on the reaction is still a matter of debates

despite a great number of studies in this field.

To moderate the product distribution and enhance the activity of Fe-based catalysts, promoters
are usually introduced. Many alkali, alkali-earth and transition metals have been studied for
CO,-FTS application. For example, Ce promotion of iron catalyst was shown not to modify the
degree of CO, conversion or selectivity to target products, but to shorten the time required to
reach steady-state operation [89, 90]. Cuand Co are employed to facilitate CO, conversion [48,
91, 92]. The addition of Mn is reported to inhibit the methane formation and to enhance
olefin/paraffin ratio. Mn acts as a structural promoter, increases catalyst basicity, iron oxide
reducibility and accordingly enhances the formation of iron carbides [93, 94]. Among all the
dopants, alkalimetals have the mostsignificant positive effect on the degree of CO, conversion,
the selectivity to C,+-hydrocarbons as well as the olefin/paraffin ratio [95-99]. They are known
to increase the production of long-chained and olefinic hydrocarbons in CO,-FTS. Different
mechanisms were put forward to explain their promotional effect: (i) site blocking effect
(promoter adsorbs on an active site complicating the adsorption of reagents), (ii) metal
electronic interactions (promoter donates electronic density to Fe and increases its basicity),
(ii1) direct chemical interaction (promoter interacts with a catalyst forming a new phase), (iv)
alkali-induced surface reconstructions (promoter causes catalyst surface reconstruction) [48,
90, 98]. Li has the least pronounced effect [98, 100]. Na as well as K are the commonly utilized
dopants. Their introduction hinders the formation of methane, shifts the products distribution

to higher molecular weight hydrocarbons and positively influences the olefin production [77,
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101-103]. The strength of promotional effect of Na is reported to be lower than that of K as
well as of Rb and Cs in terms of light olefin production and suppressing methane formation
[98]. Although catalytic performance of iron oxides promoted with K, Rb or Cs is similar,
several researchers reported that Rb has the highest CO, hydrogenation activity and
olefin/paraffin ratio within C,-C4 hydrocarbons [97,98]. However, it should be mentioned that
the reported information is often controversial, and several fundamental questions still remain
unclear. For example, does the presence of the promoter has an effect on the in situ formation
of iron carbides, and if yes, to what extent? Is there an optimal content of the promoter or the

more the merrier?

Another topic of controversial debates is the influence of the crystallite size of catalytically
active phases or their precursor on product selectivity and CO, conversion. Thus, some authors
established an increasing tendency both for CO, conversion and the selectivity to methane and
Cy+-hydrocarbons with an increase in the particle size of Fe,O; in fresh supported catalyst [78].
They explain the observed effect through a higher number of terrace sites on larger particles,
which endorse the adsorption of CO participating in chain-growth reaction. Other researchers
also reported an increase in the conversion of CO; and the selectivity to C,.-hydrocarbons but
a decrease in the selectivity to methane with an increase in the particle size of Fe,O3 in fresh
supported catalyst. The particle size was tuned through the variation of the size of supportpores
[104, 105]. However, the explanation for the observed effects given by the authors differs.
Numpilai et al. [104] concluded that larger pores enhance the formation of more molecular
weight hydrocarbons and favor olefin/paraftin ratio owing to the improvement of the product
diffusion, that hinders the secondary hydrogenation of olefins to paraffins. While Xie et al.
[105] stated that pore size itself is inadequate to describe the difference in hydrocarbons
selectivity. They put forward that the influence of the particle size on the reducibility of FeOy
is an important parameter for in situ formation of active Fe,C, species under CO,-FTS
conditions. Therefore, despite the fact that many researchers agree on the importance of the
particle size of catalytically active phase or its precursor, there is no uniform explanation of

the observed effects, which are as well quite controversial.

Q. Yang et al. [73] recently performed a statistical analysis of available literature data about
CO,-FTS, where they identified descriptors for efficient CO, hydrogenation to higher
hydrocarbons. Along with the reaction conditions such as total pressure, reaction temperature,
and catalystpretreatment as well as the presence of various promoters, the kind of iron precursor

and the preparation method of iron oxides were assumed as the most decisive parameters
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affecting the C,.-hydrocarbons selectivity and the olefin/paraffin ratio. Albrecht et al. [75]
showed that unpromoted bulk catalysts prepared through precipitation and template-assisted
synthesis demonstrated different catalytic performance with the later yielding an unexpectedly
efficient catalyst. While the effects of dopants and reaction conditions have been investigated
for many years, much less attention was paid to studying the effects of iron oxide precursor and

composition of fresh (as-prepared) catalyst on reaction-induced restructuring and accordingly

catalyst activity and product selectivity in CO»-FTS.
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2 Objectives and strategy of this thesis

2.1 Objectives

As demonstrated above in the literature review, there are many challenges to overcome in the
CO; hydrogenation to higher hydrocarbons from an applicational viewpoint. In addition, many
fundamental questions are still open to ensure tailored catalyst design and synthesis. The most
key aspects are the understanding of the formation of iron carbides and their physico-chemical
properties (adsorption properties, oxidizability, reactivity) to establish the most decisive
parameters determining catalyst activity and product distribution. Fe-based compositions can
be purposefully created upon catalyst preparation or pretreatment before the reaction. The
presence of a support and/or promoter in a catalyst complicates the understanding of the effects
of steady-state composition because the above-mentioned catalyst components can also directly
or indirectly participate in the activation of feed components and product formation. Therefore,
the studying of well-defined Fe,O,C, compositions without any support and/or promoter in
CO,-FTS could put light on the reaction-induced phase restructuring and help to obtain
structure-activity-selectivity relationships. The investigation of undoped bulk materials would
allow an unambiguousidentification of iron oxide/carbide descriptors affecting catalystactivity
and product selectivity. Having such descriptors, the effect of promoters on in situ formed
steady-state catalystcomposition and performance couldbe more reasonably investigated. Such

knowledge would allow the tailored design of catalysts with desired performance.

Therefore, the main goal of the present work is to establish the relationships between the phase
composition, microstructure and physico-chemical properties of different iron oxides, their
reaction-induced transformations into steady-state phases and the consequences for CO,
hydrogenation to higher hydrocarbons. To successfully reach this goal, the following specific

objectives were set:

i.  To investigate the influence of the preparation method and synthesis parameters of iron
oxides on their microstructure, phase composition and crystallite size through the
preparation of well-defined catalyst compositions and their thorough characterization.

ii.  To investigate the evolution of the microstructure and the phase composition of as-
prepared iron oxides during reductive/oxidative treatments and under CO,-FTS

conditions. It was achieved by analyzing the kinetics of as-prepared catalyst reduction
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or oxidation with H, or CO,, conducting CO,-FTS experiments and determining the
steady-state composition as well as its spatial distribution along the catalyst bed.

iii.  To identify descriptors of iron oxides/carbides relevant for efficient CO, hydrogenation
to higher hydrocarbons and the possibilities to control them during the design and the
preparation of catalysts. It was possible owing to the analysis of the physico-chemical
properties of steady-state catalyst composition including the mechanistic analysis of
product formation and spatially resolved and transient kinetic analysis.

iv.  Toinvestigate the effect(s) of alkali metal dopants including the amount and the nature
of promoter on the catalytic performance and the pathways of product formation. It was

achieved through the spatially resolved product formation reaction rates analysis.

2.2 Strategy and outline

The strategy for achieving the above stated objectives is described below. All catalysts were
prepared using iron (II) oxalate dihydrate as precursor for different Fe-containing phases
(Figure 2.1). In Section 4.1, a number of catalysts consisting of Fe304, FeO, Fe and Fe,C, were
prepared. The idea was to understand how different iron compounds are restructured under
CO,-FTS conditions. The as-prepared and spent (after about 95 h on CO,-FTS stream) catalysts
were thoroughly characterized by complementary methods. Several catalytic experiments were
conducted over these materials to elucidate their activity and product selectivity in CO,-FTS.
Reaction pathways leading to CO, CH4 and C,:-hydrocarbons were also identified. The
transformation of as-prepared materials during CO,-FTS into steady-state phases and spatial
distribution of the latter were also investigated. This information was instrumental to
successfully correlate the steady-state catalyst composition with product selectivity and, thus,

to provide hints for hindering the selectivity to CHy4 in favor of C,.-hydrocarbons.

Section 4.2 is focused on the investigation of hematite-containing catalysts prepared through
controlled decomposition of in-house synthesized and commercial iron (II) oxalate dihydrate.
A special focus was put on the role of redox properties of Fe,O3; for reaction-induced
transformation into iron carbides. To this end, single-phase hematite materials with different
size of crystallites as well as mixed phase materials differing in the hematite/maghemite ratio
(a-/y-Fe,O3) were prepared, characterized (both as fresh materials and after CO,-FTS) and
tested in CO,-FTS. The obtained structural and catalytic results combined with mechanistic
analysis of product formation as well as spatially resolved and transient kinetic scrutiny allowed

to establish structure-activity-selectivity relationships. The defectiveness of iron carbides
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determined from Mdssbauer spectroscopic analysis and expressed as the C/Fe ratio of spent
catalysts was established to be a key property relevant for the ability of iron carbides to activate

CO,, CO and H; and, consequently, for controlling product distribution.

Section 4.1 Section 4.2
Generation of Fe,0,C, Generation of Fe,0;
Fe,0,, Fe; Fel; Fe.C; .
(different composition)
Ar " air
Section 4.3 T °C Fec2o4 2H20 T°C
Generation of promoted Fe,O,C,
Fe.C. . IWI: M,CO, |,

“(M=Li, Na, K, Rb, Cs)

Figure 2.1. A scheme demonstrating the strategy for achieving the stated objectives.

Finally, Section 4.3 deals with magnetite-containing catalysts derived from commercial iron
(IT) oxalate dihydrate and promoted with an alkali metal (Li, Na, K, Rb or Cs). The effects of
the kind and the amount of the dopant on the composition and physico-chemical properties of
fresh and spent catalysts as well as on their performance in CO,-FTS were analyzed in detail.
Owing to spatially resolved analyses of catalyst composition and reaction rates of product
formation in CO,-FTS, it was possible to understand the role of the promoter for catalyst
efficiency. The individual contribution of two different formationroutes of methane production
was established over materials with different alkali metal promoters or with different amounts
of Rb. Secondary CO hydrogenation was determined to be the dominant pathway of CH4
production over Rb- or Cs-doped catalysts. While direct CO, methanation prevails over non-

promoted and Li-, Na- or K-promoted materials.

The main results and the relationships established in the current work are summarized in the

Conclusions. A possible direction for further investigations is suggested in the Qutlook.
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3 Experimental part

3.1 Catalystpreparation
3.1.1 Iron (Il) oxalate dihydrate synthesis

Iron (II) oxalate dihydrate was selected as the catalyst precursor because its decomposition can
produce a bigvariety of single Fe-containing products (iron oxides, iron carbides, metallic iron)
or their mixtures. Thus, the decomposition of iron (II) oxalate dihydrate in air leads to the
formation of hematite (a-Fe,O3) or/and maghemite (y-Fe,03) [106-110]. Treating this precursor
in an inert atmosphere below 570 °C produces magnetite (Fe;04) or a mixture of magnetite and
different iron carbides, e.g. Fe;C (cementite), FesC, (Hagg's carbide), while the decomposition
above 570 °C results in wistite (FeO) [111-113]. The decomposition of iron (II) oxalate
dihydrate in a flow of hydrogen or in a mixture of hydrogen and inert gas leads to the formation

of a-Fe or a mixture of a-Fe and Fe;C [114].

In the present study, commercial (FeC,04-2H,0, Sigma Aldrich, 99 %) and in-house prepared
iron (IT) oxalate dihydrate materials were used for catalyst preparation. The synthesis of the
latter material was carried out through a precipitation method as follows. Oxalic acid in the
amount of 10% molar excess in regard to the total amount of Fe (including iron pellets) was
dissolved in the minimal amount of water to prepare a saturated solution. This solution was
added dropwise to a saturated aqueous solutionof iron (II) sulfate, which contained a few metal-
iron pellets (0.3 mm in diameter) in order to prevent the oxidation of Fe?* to Fe3*. Sulfuric acid
was added to the solution of iron (II) sulfate until pH of 3 in order to prevent the formation of
hydroxides. The reaction was carried outat 90 °C for 1 hourresultingin the formation of yellow
precipitate, which was then filtered hot, properly washed with cold ethanol, and finally dried at
50 °C for 1 day.

Two different types of catalysts based on magnetite or hematite were prepared using
commercial and in-house synthesizediron oxalate. To distinguish the kind of the precursor used

for catalyst preparation “ ¢ ” or “ h ” endings are introduced in the catalyst name,

respectively.

3.1.2 Synthesis of magnetite-containing catalysts

Five magnetite-containing catalysts were synthesized from the in-house prepared iron (II)

oxalate dihydrate as follows. The precursor was placed in a form of powder (about 3 g) into a
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quartz tubularreactor located in an electrically heated furnace allowing 16 reactors to be treated
in parallel. The samples were heated up in a flow of argon (20 mL/min) to the treatment
temperature with a constant heating rate of 5 °C/min. Then the materials were tempered at the
desired temperature of 330, 400 or 650 °C for 24, 1 or 1 h. The obtained materials are denoted
asFe h 330,Fe h 400 and Fe_h 650 (Figure 3.1). Two more catalysts were synthesized from
the Fe h 330 sample through its additional thermal treatment (after exposure to air at room
temperature) in argon flow at 500 or 650°C for 5 h. They are abbreviated as Fe_h 330 500 and
Fe h 330 _650.

Ar, 330°C, 24h -
Ar, 500°C, 5h
| Ar, 650°C, 5h

Ar, 400°C, 1h

Ar, 650°C, 1h

Figure 3.1. A scheme demonstrating preparation of magnetite-containing samples through
thermal decomposition of in-house prepared iron (II) oxalate dihydrate
(F62C204_h).

3.1.3 Synthesis of magnetite-containing catalysts promoted with an alkali metal

Magnetite-containing catalysts promoted with an alkali metal were prepared from commercial
iron (II) oxalate dihydrate (FeC,04%*2H,0, Sigma Aldrich, 99 %). Alkali metals, i.e., Li, Na, K,
Rb or Cs, in form of the corresponding carbonate solutions were added to the oxalate through
an incipient wetness impregnation followed by dryingat 110 °C for 24 h. Hereafter, promoted
or unpromoted catalyst precursors were placed into calcination apparatus described above and
heated up to 330 °C with a heating rate of 5 °C/min. The decomposition was conducted in a
flow of Ar (20 mL/min) for 24 h. The described conditions were applied previously for the
synthesis of Fe_h 330 sample except in this case commercial iron (II) oxalate was used as a
precursor. The prepared catalysts are denoted as Fe_c¢_xM, where “_c¢_” reflects the precursor
used for synthesis, “x” and “M” represent the atomic ratio of alkali metal to Fe and the type of
alkali metal, respectively. Two series of materials were synthesized by varying the nature of
alkali metal (M = Li, Na, K, Rb or Cs) with a fixed ratio of the dopant to Fe (x =0.005) and by
varying the amount of Rb promoter (x =0, 0.001, 0.005, 0.01, and 0.05).
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3.1.4 Synthesis of hematite-containing catalysts

Two series of iron (III) oxide samples were synthesized using both in-house prepared and
commercial iron (II) oxalates dihydrate. Generally, the preparation procedure was similar to
that described above (see section 3.1.2). The first series (Series 1) of Fe,O; catalysts includes
single-phase hematite materials with different size of crystallites. They were obtained as
follows. Commercial iron (II) oxalate dihydrate was first heated up to 180 °C in a flow of air
(20 mL/min) and tempered for 16 h. After cooling down to room temperature, the catalysts
were heated up again in a flow of air and calcined at 300, 400, 500 or 600 °C for 24 h. The
prepared catalysts are abbreviated as Fe ¢ 10nm, Fe ¢ 14nm, Fe ¢ 19nm and Fe ¢ 26nm,
respectively (Figure 3.2). Where the number in the catalyst name reflects the crystallite size of
the hematite phase in nanometers as was determined by powdered XRD analysis (Table 4.6).
Fe h 31nm was synthesized through a decomposition of in-house prepared iron (II) oxalate
dihydrate in a flow of air (20 mL/min) at 330 °C for 24 h and subsequent calcination (after

cooling down to room temperature) in a flow of air at 650 °C for 5 h.

Series 1
air, 180°C, 16h — air, 300°C, 24h

* Fe_c_10nm
gll, 18070, 16k 3 e 40D, AN, . o Wil
FeC,0,_c AL, 1o s AL oD, e, Fe c_19nm
air, 180°C, 16h — air, 600°C, 24h _ Fe ¢ 26nm
air, 330°C, 24h —» air, 650°C, 5h Fe h 31nm
Series 2
air, 330°C, 24h » Fe _h 23%
air, 330°C, 24 - Fe_c_53%
FeC,0, h air, 330°C, 24h — air, 330°C, 24h _ Fe c 64%
air, 180°C, 16h - Fe c_am
air, 330°C, 24h — air, 500°C, 5h Fe_h_82%

Figure 3.2. A scheme demonstrating preparation of hematite-containing samples through a
thermal decomposition of commercial (Fe,C,O4 c) or in-house prepared
(Fe,C,04_h)iron (II) oxalate dihydrates.
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The second series (Series 2) of iron (IIT) oxide catalysts consists of mixed-phase (a-Fe,Os/y-
Fe,03) samples differing in the hematite-maghemite ratio. The number in the catalyst name
reflects the weight amount of the a-Fe,O; phase in the prepared material as was determined by
powdered XRD analysis (Table 4.6). Three catalysts were obtained using the commercial iron
(IT) oxalate dihydrate. Fe ¢ _am (X-ray amorphous material) and Fe ¢ 53% were prepared
through its thermal decomposition in a flow of air (20 mL/min) at 180 °C for 16 h and at 330
°C for 24 h, respectively (Figure 3.2). The catalyst abbreviated as Fe ¢ 64% was obtained
through an additional thermal treatment (after coolingdown to room temperature) of Fe_c 53%
in a flow of air at 330 °C for 24 h. Two other catalysts were synthesized using the in-house
prepared iron (II) oxalate dihydrate. Fe_h 23% was obtained through its thermal decomposition
in a flow of air (20 mL/min) at 330 °C for 24 h. Fe_h 82% was obtained through an additional

calcination of the as-prepared Fe h 23% material in a flow of air at 500 °C for 5 h.

3.2 Characterization methods

The specific surface area of as-prepared catalysts was calculated from nitrogen adsorption-
desorption isotherms obtained at -196 °C using a BELSORP-mini II (BEL Japan, Inc.)
instrument. To remove adsorbed gases from the surface of all materials, they were initially
treated in vacuum at 100 °C for 30 min prior to the measurements. The specific surface area
was calculated applying the Brunauer-Emmet-Teller (BET) equation for the N, relative

pressures 0.1 <p/pp<0.3.

X-ray diffraction (XRD) patterns were recorded on a Stoe Stadi P transmission diffractometer
equipped with a DECTRIS Mythen2 1K detector applying Ge (111) monochromatized Mo Koy
radiation (40 mA, 50 kV, 0.70930 A). Prior to the measurements, the materials were grinded to
a fine powder and placed between two acetate foils. Data collection was made with 0.01 °/s
resolution. The pattern fit was performed with Pseudo-Voigt function using the HighScore Plus
software package (Panalytical) to determine reflexes positions and phase profiles. The phase
composition of the samples was identified using the PDF-2 database of the International Center
of Diffraction Data (ICDD). The Rietveld method was applied for quantitative phase analysis.
The size of crystallite was calculated using Scherrer equation applied to the reflexes
characteristic for a specific Fe-containing phase, i.e. ((111), (220), (311), (222), (422))
characteristic for Fe;O4; ((110), (200), (211)) characteristic for Fe; ((111), (200), (220), (311),
(222)) characteristic for FeO; (012),(104),(110),(113), (024) characteristic for a-Fe,O3; (022),
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(113),(004), (224), (115),(333), (044) characteristic for y-Fe,Os. The crystallite size values

determined for different reflexes were then averaged.

The phase compositionof as-preparedand spent (after CO,-FTS) catalysts was also determined
by Mossbauer spectroscopy. The measurements were performed at room temperature on a
conventional spectrometer (NZ-640, Hungary) operating in a constant acceleration mode with
a speed reversal. The spectra were recordedin the mode of movingradiation source 3’Co placed
in a matrix of metal rhodium. Chemical shifts are presented in relation to a-Fe. The data were
processed using an in-house developed program for spectrum deconvolution into Lorentzian

functions.

To investigate the reducibility of as-prepared materials hydrogen temperature-programmed
reduction (H,-TPR) measurements were performed using an in-house built set-up containing
eight quartz tubular reactors, which are individually heated and connected to an on -line mass
spectrometer (Pfeiffer OmniStar GSD 300 01) for analyzing gas-phase components. Prior to
the measurements all catalysts placed into individual reactors (about 50 mg) were heated up to
300 °Cin aflowof argon in order to remove the adsorbed gases. After the treatment, the reactors
were cooled down to room temperature in the same flow. The feed gas mixture was changed to
5 vol% Hy/Ar (20 mL/min per reactor) while the reactors were heated up to 900 °C in a
sequential mode with a constant heating rate of 10 °C/min. The data were recorded at the
following atomic mass units (AMU): 2 (H;), 16 (O, CHy), 17 (OH), 18 (H,0), 28 (CO, CO,),
32 (02), 40 (Ar) and 44 (CO;). The hydrogen concentration was calculated from the ratio of
AMU signal of 2 (H;) to AMU signal of 40 (Ar) using the sensitivity factor obtained by

analyzing calibration gas mixtures.

The kinetics of reduction of fresh catalysts with H, and reoxidation oftheir reduced counterparts
with CO, was analyzed by means of thermogravimetric analysis (TGA). The measurements
were carried out on a SETSYS Evolution 16/18 (Setaram) instrument. Typically, 20 mg of a
sample was placed into a cup of thermal balances. Hereafter, the system was evacuated at room
temperature. Then the volume of thermal balances was flushed with He at ambient pressure
accompanied with heating up to 300 °C with a heating rate of 10 °C/min in order to remove the
adsorbed gases. After no weight change was registered, the feed gas was changed to a Hy:He =
1:1 (32 mL/min) mixture and TGA data were recorded for about 3 hours until the reduction
process was finished. After that the system was flushed with He to remove H,. Then a mixture
of CO,:He = (1:1) was fed and the data of catalyst reoxidation was collected for about 24 h.

Another type of the experiments was performed in addition to the above described. In these
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experimentsa CO,:He (1:1) mixture was directly fed to the non-reduced materials after flushing
the thermal balances with He and reaching 300 °C in order to investigate oxidizability of fresh

magnetite-containing catalysts.

Transmission electron microscopy (TEM) analysis was carried out on a FEI Tecnai G2 20 S-
TWIN instrument operating at 200 kV. Sample preparation included its grinding into a fine
powder and dispersion in ethanol using an ultrasonic bath. The dispersed sample was put on the
copper grids coated with a2 nm carbon layerand dried for 5 min at 60 °C. Then a second copper
grid also coated with 2 nm carbon layer was placed on top and the sample was transferred into
the microscope. Selected area electron diffraction (SAED) analysis was performed on the same
instrument using a slot that allowed the investigation of the sample area with a diameter of 200

nm.

Scanning electron microscopy (SEM) was applied to investigate the morphology of iron
oxalates, fresh and spent (after CO,-FTS) catalysts. The analysis was performed on a Hitachi
TM-1000 (Japan) instrument operating at 15 kV. The sample was dispersed on electro

conducting tape before the transfer into the instrument.

The interaction of selected catalysts with CO, at ambient pressure was investigated using in situ
diffuse reflectance infrared Fourier transform spectroscopy (in situ DRIFTS). The DRIFT
spectra were obtained using a Nicolet 6700 FTIR spectrometer (ThermoFischer Scientific)
equipped with a commercial DRIFT cell (Harrick) with CaF, windows and a highly sensitive
MCT detector. The catalystin a form of a fine powder was placed in the sample holder and
heated up to 300 °C in He flow (25 mL/min). After waiting for 30 minutes in order to remove
adsorbed gases, the starting spectrum was recorded. After that the feed gas was changed to a
CO,:He = 1:1 mixture (25 mL/min) and spectra were collected after 30 min of exposure at 300
°C with a spectral resolution of 4 cm-!. Then the sample was cooled down in the flow of He to
the room temperature and exposed again to a CO,:He mixture. Other spectra were recorded

after 30 min of exposure.

X-ray fluorescence spectroscopy was applied for the element content analysis. The data were
collected using a Panalytical Epsilon 1 spectrometer operating with an Ag X-ray source.
Typically, each sample in form of powder was placed into the sample holder which was capped
with Mylar Foil towards the source/detector. The spectra analysis was made using the
fundamental parameter approach based on the theoretical relationship between measured X -ray

intensities and the concentrations of elements in the sample.
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Inductively coupledplasma optical emission spectroscopy (ICP-OES) was utilized to determine
the amount of Fe and different alkali promoters (except for Cs) using Varian 715-ES ICP-
Emission-Spectrometer. The amount of Cs in the catalysts was identified by means of atomic
absorption spectroscopy (AAS) using Perkin-Elmer A Analyst 300 spectrometer. Generally, 10
mg of each sample was dissolved in 8 ml of aqua regia. The sample preparation system
(Multiwave PRO, Anton Paar) operating at 220 °C and 50 bar was applied for the sample
digestion with a microwave-assisted method. The digested solution was diluted to 100 ml and
measured by ICP-OES. The data analysis was carried out on the software (ICP Expert) of 715-
ES.

3.3 Transient experiments and their kinetic evaluation

To derive mechanistic and kinetic insights into the investigation of CO, CO, and H; interaction
with spent catalysts, pulse experiments were performed in a temporal analysis of products
reactor (TAP-2) system. This technique was describedin detail elsewhere [115-117]. Typically,
a smallamountof catalyst(20 mg, 250 —450 um fraction) was placed in a quartz tubular reactor
and fixed between two layers of quartz particles (250 — 450 um fraction) within the reactor’s
isothermal zone. The reactor was initially evacuated at room temperature and then heated up to
300 °C in vacuum with a heating rate of 10 °C/min. CO; and CO interactions were studied by
means of single pulse experiments introducing CO;:Ar = 1:1 or CO:Ar = 1:1 mixtures in the
reactor at 300 °C. H/D exchange experiments were carried out by pulsing ofa Hy:Dy:Ar=1:1:1

mixture at 400 °C.

The single pulse introduced in the reactor contained approximately 10> molecules. The mass
transport is quantitatively described by the Knudsen diffusion regime under these conditions
and any collisions of gas-phase species could be neglected. Therefore, only the analysis of
heterogeneous reaction steps was performed. An on-line quadrupole mass spectrometer (HAL
RC 301, Hiden Analytical) was used for the quantitative analysis of the feed components and
possible reaction products. The following atomic mass units (AMU) were recorded: 44 (CO,),
40 (Ar), 28 (CO, CO»), 4 (D), 3 (HD), and 2 (H;). Each mixture was pulsed 10 times and the
signal for each AMU was averaged to improve the signal-to-noise ratio. The concentration of
the pulsed gases and the formed products was determined from the peak area of the
corresponding signal related to that of Ar. Blank pulsing of the mixtures used in the experiment
in the reactor containing only quartz particles was performed to determine the sensitivity factors

and fragmentation patterns required for the calculation. The model-free approach developed for
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this technique [115] was used to transform the experimental responses of CO,, CO and Ar into
dimensionless form according to equations 3.1-3.2. This transformation allows to
unambiguously give information about the type of interaction (diffusion, reversible or

irreversible adsorption) of pulsed component with the catalyst.

F(COy) *L2

Dimensionless flow = (3.1)
PS+D(COy)
Dimensionless time = S2XC%) (3.2)
L2

where F(COy) is the flux of CO or CO,, L stands for the reactor length, PS is the abbreviation
for the pulse size, tis time and D(COy) stands for the diffusion coefficient of CO or CO,.

Different kinetic models were applied to fit the transient responses of CO, and CO in order to
gain mechanistic and kinetics insights into the activation (adsorption/desorption and
dissociation/association) of these reactants as described elsewhere [118, 119]. The TAP reactor
is considered as a pseudo-homogeneous reactor consisting of three different sequential zones:
upstream inertzone, catalystzone and downstream inertzone. The mass balances for gas -phase

and surface species outside the catalyst layer can be described by equations 3.3 and 3.4,

respectively:

0Ci _ ff 0%C;

ot DI%nudsen X Ix2 (3.3)
@i =0 (34)

The expression for the reaction in the catalyst zone was included in the mass balances for gas-

phase (equation 3.5) and surface species (equation 3.6):

0Cj _ ff 92¢;
a_tl - DI%nudsen X 6721 + Zj PcatVijlj (3.5)
90m Vil
—m_ Y. 3.6
ot ) Crotal (3.6)
where
nj n
rj = kIl G [ O (3.7)
where Ci,¢q) 1S the total concentration of surface species and Dféfrfudsen stands for the effective
o . ) of
Knudsen diffusion coefficient of gas-phase species,0 < n; < 1,0<n, < 2,0; = c —.
total
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Spatial approximation was applied to transform the resulting partial differential equations into
coupled ordinary differential equations, which were then integrated by numerical routine
PDEONE. The determination of kinetic parameters was carried out in a wide range of possible
values (10+—108) by using first a genetic algorithm in order to find good starting values and
then the Nelder—-Mead simplex algorithms to find the exact values. The quality of the fit was
defined by an objective function determined as the sum of squares of the lowest deviation
between the respective points of the experimental data and simulated data. The significance of
the parameters for the objective function was determined by applying the sensitivity analysis to

the best describing kinetic model.
3.4 Catalytic tests

CO; hydrogenation tests were carried out in an in-house developed and built set-up equipped
with 50 continuous-flow fixed-bed stainless-steel tube reactors operating in parallel. The reactor
length, outer and inner diameters are 260, 6 and 4 mm, respectively. The total feed flow is
equally distributed within all the reactors. In all catalytic tests, the reaction mixture H,:CO;,:N,
= 3:1:0.3 was fed with a flow rate of about 5.8 mL/min per reactor. The gas-phase feed
components and the reaction products were analyzed by an on-line Agilent 7890A gas
chromatograph. Due to the system of valves, the outlet gases after each reactor could be
analyzed in a sequential mode. The chromatograph is equipped with AL/S column for C;-Cg
hydrocarbons separation and FFAP column for Cy-C;g hydrocarbons separation connected to a
flame ionization detector (FID) and with HP Plot/Q column for CO, and H,O separation and
MolSieve 5A column for H,, O,, N, and CO separation connected to a thermal conductivity
detector (TCD). To avoid condensation of long-chained hydrocarbons stainless steel lines
connecting the reactor outlet and the GC inlet were heated up to about 180 °C, GC valves and

loops were heated up to 200 °C.

Two types of catalytic tests were performed with magnetite-containing catalysts, namely,
“screening” (Treaction = 250 - 350 °C) and “long-term stability” (Treaction = 300 °C) tests and only
“long-term stability” tests were performed with hematite-containing catalysts. The “screening”
test with magnetite-containing samples was conducted to investigate the effect of reaction
temperature on catalytic performance. The reactor was filled with about 300 mgof each catalyst
(250 — 450 um fraction) within its isothermal zone. In addition, 700 mg of SiC (ESK-SiC, F30,
500 — 710 um fraction) was placed on top of the catalyst bed to ensure the plug flow and to
preheat the feed mixture. The reactors were initially heated up to 250 °C in N, and
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simultaneously pressurized to 15 bar. In case of magnetite-containing samples, no pretreatment
is required before starting the experiment, therefore, the reaction mixture was directly fed
(GHSV=1170 ml/g/h) after reaching the set temperature. The reaction conditions were
maintained for about 40 h and the data were collected. After that the temperature was increased
to 300 °C and kept constant for another 40 h followed by a further increase to 350 °C, where
the CO,-FTS reaction was conducted for the final 40 h. At the end, the catalysts were cooled

down in N; to room temperature.

The “long-term stability” tests were conducted in order to investigate: (i) catalyst on-stream
stability, (i1) the effect of CO, conversionon productselectivity and (ii1) in the case of magnetite
containing catalysts to check if catalytic performanceat 300 °C depends on the way how this
conditions were achieved, i.e. direct feeding of the reaction mixture at the desired temperature
or starting the CO,-FTS at 250 °C with a consecutive increase in the temperature to 300 °C (see
the above-described “screening” test). Hematite-containing catalysts were reductively treated
before starting CO,-FTS tests. The filled reactors were initially heated up to 300 or 400 °C in
N, and simultaneously pressurized to 15 bar. After reaching the set temperature, a Hy:N,=1:1
mixture was fed with a flow rate of about 11.8 mL/min perreactor for2 h. Afterthatthe reactors
were cooled down (if the reduction was conducted at 400 °C) in a flow of N, to the reaction
temperature of 300 °C. Then N, was replaced by the reaction feed for about 110 h. In the case
of magnetite-containing catalysts, the reactors were directly heated up to 300 °C and the
reaction mixture was fed for about 95 h. Finally, the catalysts were cooled down in N; to room
temperature. Different catalyst amounts (600, 300, 100, 50, 20, 10 mg) were used in the “long-

term stability” test to achieve different levels of CO, conversion.

The conversion of CO, (X(CO,)), product yield (Y;) and selectivity (S;) were calculated
according to equations 3.8-3.10, respectively. The inlet molar flows of the feed components
were established through separate measurements using a bypass line. The reaction-induced
changes in the number of moles were considered by using the inert standard N, in the reaction
feed. Carbon balance was established to be higher than 98 % in all experiments. Chain growth
probability (o) was calculated according to the Anderson-Schulz-Flory distribution (equation

3.11) using C3-Cs hydrocarbons with a linear approximation accuracy higher than 95%.

~out

X(C0,) = 1 — 02 (3.8)
CO»
ajnPut
y, =20 (3.9)
Nco,
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Y; .sout

_ _ ajng
Si=r = —om (3.10)
CO2 CO,~1COoy

. — 2
In2 = a;In o+ In = (3.11)

1

where flicnoz represents the inlet molar flow of CO, and ngg‘; is the molar flow of CO, at the

reactor outlet. a; and nP"'* stand for the number of carbon atoms in the component i and the

molar flow of this component, respectively. Subscripts in and out are used to distinguish the

inlet and outlet molar flows. a is the chain growth probability.
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4 Results and discussion

4.1 Magnetite-containing catalysts

The advantage of catalysts composed of magnetite, wiistite, metallic iron and/or iron carbides
is that they can be directly applied for CO,-FTS experiments without any preceding reductive
treatment. Thus, itis possible to understand the reaction-induced transformations of as-prepared
different iron-containing phases purposefully created through the decomposition of iron (II)

oxalate dihydrate.
4.1.1 General characterization of fresh catalysts

Fresh samples were characterized by means of N, adsorption technique. The obtained specific
surface area (Sggr) values are presented in Table 4.1. Fe_h 330 prepared at the lowest
temperature possesses the highest specific surface area of 32 m?/g within all studied catalysts.
The values are lower for the samples obtained after an additional treatment of the above catalyst
at 500 or 650 °C in Ar and are 22 or 17 m?/g, respectively. The corresponding Sgget values of
the catalysts prepared directly at 400 or 650 °C are 24 and 11 m?2/g, respectively. Therefore, it
is likely that high-temperature treatment causes sintering of crystallites and accordingly a

decrease in the surface area.

Table 4.1. The results of catalysts characterization. Phase composition (wt. %) determined
from XRD and Mdssbauer (in brackets) spectroscopic analysis, the size (coherent
scattering region (CSR)) of Fe;04, FeO and Fe crystallites, specific surface area
of fresh samples (Sggr).

Catalyst FesOs Fe/ FeO/ FesC  FesCy CSR CSR CSR SeeT/
/% % % /% /%  (FesOs4)/ (Fe)/ (FeO)/ m?/g

Fe_h 330 82.8 3.6 - 13.5 - 22 20 - 32
(70.3) (2.4) (27.3)

Fe h 400 83.2 2.1 - 8.1 6.7 23 24 - 24
(75.9) (1.5) (5.8) (16.8)

Fe h 330 500 76.4  23.6 - - - 27 29 - 22
(74.6) (25.4)

Fe h 650 63.2 265 102 - - 49 55 13 11
(63.3) (27.4) (9.3)

Fe h 330 650 38.4 16.0 45.6 - - 31 31 34 17

(41.2) (19.4) (39.4)
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All fresh samples were characterized by means of XRD analysis to determine the phase
composition (Table 4.1). The obtained XRD patterns are shown in Figure 4.1. All catalysts
contain Fe;O4, however, its fraction as well as the fractions of metallic Fe, FeO or iron carbides
depend on the temperature, at which the catalysts were prepared. Iron carbides were detected
in the materials prepared at 330 or 400 °C. Fe_h 330 contains Fe;04 (82.8 %), Fe;C carbide
(13.5%) and metallic Fe (3.6 %). The content of Fe;O4, Fe;C and Fe in Fe_h 400 is 83.2, 8.1
and 2.1%, respectively. In addition, the presence of FesC, carbide with the corresponding
fraction of 6.7% was identified in this sample. The presence of'iron carbides can be explained
as follows. The decompositionof iron oxalate dihydrate yields gas-phase CO and CO; and FeO.
Iron (II) oxide is unstable below 570 °C and disproportionates to Fe;O4 and metallic Fe. The
latter compound can react with produced CO to iron carbides [114]. The Fe_h 330 500 sample
contains only Fe;04 (76.4 %) and metallic Fe (23.6%). The absence of any iron carbides in this
catalystcan be due to their low thermal stability. For example, Fe;Cis unstable and decomposes
in the temperature range of 415 — 535 °C[111]. When the Fe_h 330 catalyst was additionally
calcined at 500 °C an increase in the content of metallic Fe from 2.6 to 23.6% was determined.
The increase indirectly supports the assumption about the effect of preparation temperature on
the content of iron carbides. The two catalysts treated directly at 650 °C or at 330 and 650 °C
contain FeO with the fraction of 10.2 or 45.6%. The content of Fe;O4 and metallic iron
determined forFe h 650is63.2 and26.5%, respectively. The correspondingphases are present
inFe h 330 650 with the fractions of 38.4 and 16.0%.

. I Fe _h_330_650
u A .llll I P l v
L Fe_h_650
‘ | Al .l ll A l A
Fe_330_500
LA | l. e L.a
Fe h 400
o Bl g g PR
Fe h 330

Fe;0,: 01-089-0688 FesC,: 01-080{9888

Fe,C: 01-072-1010

T
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Figure 4.1. XRD patterns of fresh magnetite-containing catalysts.
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The crystallite size of Fe;04 and Fe phases, which are present in all materials, corelates well
with the specific surface area of the catalysts. The smaller the crystallite size, the larger the
specific surface areais (Table4.1). However, suchcorrelationis notalways presentas a particle
might consist of several crystallites and, therefore, the crystallite size might not reflect the

particle size.

In addition to XRD analysis, which is not sensitive to amorphous phases, Mdssbauer
spectroscopic measurements were performed (Figure A.1). The obtained composition of
Fe h 330 500and Fe h 650 catalysts is in good agreement with the results of XRD analysis
(Table 4.1). The amount of the FeO phase in Fe_h 330 650 is slightly lower in comparison
with that obtained by XRD. There is a big discrepancy in the content of iron carbides in
Fe h 330 and Fe_h 400 catalysts determined by Mdssbauer spectroscopy and XRD. It is
highly underestimated by the latter method. This could be explained by the presence of
amorphous phases and the fact, that the complex structure and possible non-stoichiometry of
iron carbides affect the intensity of reflexes and cause their broadening. Consequently, the

sensitivity lowers that is detrimental for a proper identification of iron carbide phases by XRD.

DRIFT spectraoftwosamplesFe_h 330andFe h 330 650were recordedafter their exposure
to 50 vol% CO; in He at 300 °C and room temperature in order to check the potential of this
characterization technique to analyze the adsorptive properties of materials (Figure A.2). No
adsorbates could be detected at 300 °C for both catalysts and very weak features of chemisorbed
species were detected only for Fe 330 650 at room temperature. The broad and very weak
bands between 1700 and 1200 cm-! could be ascribed to the stretching vibrations of surface
carbonate and/or carboxylate species. The characteristic bands of monodentate (v,;COO-: 1530-
1470 cm1; viCOO~ 1370-1300cm!), bidentate (vVC=0:1620-1530 cm™!; v,;COO~: 1270 — 1250
cm!), noncoordinated carbonate (v,sCO32: 1450 -1420 cm'), and carboxylate (CO5) (v,sCOO
: 1630-1560 cm!, viCOO~: 1420-1350 cm™!) species were reported to be present in this range
[120]. The absence of any bands in the spectrum of Fe_h 330, which contains mainly magnetite
and small amounts of Fe;C, suggests that these compounds weakly interact with CO,. Previous
studies dealing with magnetite materials also did not observe adsorbed carbonate species [121,
122]. Therefore, CO; adsorption on Fe_h 330 650 should be related to FeO present in this
catalyst. However, due to the presence of a big variety of possible adsorbed species, which
could superimpose in this range, a proper assignment of these broad weak bands to individual
adsorbates is not possible. Moreover, the strong light adsorption by the catalysts decreases the

sensitivity and makes the use of this technique non-informative.
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The morphology of fresh catalysts was investigated by means of TEM analysis, which showed
that all the materials consist of coarse-grained particles (Figure 4.2). However, different
morphological features could be observed depending on the temperature, at which the samples
were prepared. Fe_h 330 is highly crystalline. Lattice fringes detected in these images indicate
the presence of Fe;O4. The particles are covered by a lower-crystallinity shell of about 6 nm
thickness. The particles of Fe_h 400 also have a core-shell structure. But the shell is thinner (2
nm) and slightly more crystalline. Fe_h 330 500 forms a core-shell structure as well with a
less defined shell appearance. No clear shell is visible in the images of Fe h 650 and
Fe h 330 650, which consist of larger particles. The detected lattice fringes are denoted to
Fes0,.

Fe_h_330 Fe h_400 Fe h 330 500 Fe h_650 Fe_h_330_650
.

Fe (PDF 00-006-0696) Fe,C (PDF 03-065-2411) Fe;0, (PDF-00-019-0629) FesC, (PDF 01-089-2544) FeO (PDF 00-006-0615)

Figure 4.2. TEM images of fresh samples recordedatrepresentative sample positions with (a)
38000, (b) 250000 and (c) 350000 magnifications; (d) SAED patterns recorded at
the same sample location. Different colors reflect different possible phases present
in the materials.

The information obtained from the combined XRD, Mdssbauer and TEM analysis could be
summarized as follows. The formation of core-shell structures in the materials prepared at low

temperatures (330, 400 °C) is observed. The core supposedly consists of Fe;04 with the shell
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containing metal iron and iron carbides. The transformation of iron carbide shell into metallic
iron is seen when Fe _h 330 sample was treated additionally at 500 °C. Fe3;O4 in the core
partially converted into FeO covered with the metallic iron shell is observed for the catalysts

prepared at 500 and 650 °C.

4.1.2 Redox properties of fresh catalysts

Reducibility of magnetite-containing catalysts was analyzed by H,-TPR measurements to check
if this material property indirectly affects catalyst activity and product selectivity in CO,-FTS.
The corresponding H,-TPR profiles in form of outlet H, flow rate are shown in Figure 4.3. A
continuous consumption of hydrogen is observed for all catalysts above 400 °C without any
clearly distinguished maximum. This result is in line with a previous study dealing with Fe;O.-
nanocatalysts [76]. The reduction of magnetite comprises two consecutive steps:
Fe;04—FeO—Fe, with the firststep proceedingatlower and second step athigher temperatures
[123]. These pathways seem to be appliable for the present materials, although due to their
complex composition the individual steps are not well-resolved in the obtained H,-TPR
profiles. There is a distinctive peak of H, consumption below 400 °C for two catalysts
containing iron carbides phases. This peak is characterized by the maximum of hydrogen
consumption at about 280 — 300 °C and could be ascribed to a complete reduction of iron
carbides resulting in the formation of metallic Fe and gas-phase CH4 [124]. Methane was
experimentally detected at the AMU signal of 16 also having the maximum in the same

temperature range, while no AMU signals of 17 and 18 attributed to water were observed.

F(H,) / ml/min

Fe_h_330
Fe_h_ 400
Fe_h_330_500
Fe_h 650

Fe_h_330_650

200 400 600 800
T/°C

Figure 4.3. Profiles of H, flow upon H»-TPR (5 vol% H, in Ar, 20 mL/min) of fresh catalysts.
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The kinetics of reduction/reoxidation and oxidation of magnetite-containing catalysts under
isothermal conditions was also investigated. For this reason in situ TGA experiments were
performed at 300 °C using H, (H,:He = 1:1) or CO, (CO,:He = 1:1) as reducing or oxidizing
agents, respectively. Two kinds of oxidation experiments were carried out: 1) fresh samples
were first reduced with H, followed by reoxidation with CO; and ii) fresh catalysts were

oxidized with CO; straightaway without any preceding treatment.

Fe_h_330
Fe_h_400
Fe_h_330_500
Fe_h_650
Fe_h_330_650

£)

0 0 00O

TG/ mg
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0 50 100 150 200 O 500 1000 1500
Time / min Time / min

Figure 4.4. TGA profiles obtained at 300 °C upon (a) reduction of fresh magnetite-containing
catalysts with H, (Hx:He = 1:1) and (b) their subsequent reoxidation with CO,
(COz:He = 1:1).
A decrease in the sample weight could be seen for all catalysts with rising time on H; stream
up to about 2 h in the course of reduction of fresh samples (Figure 4.4a). No further changes
were observed at longer times of treatment. The weight decrease is explained by the removal
of lattice oxygen from iron oxide(s) by H; in form of water (equations 4.1-4.2) and due to the
hydrogenation of iron carbides (equations 4.3-4.4). At a selected temperature of 300 °C the
reduction of magnetite proceeds through a one-step mechanism: in this case no FeO
intermediate is formed (equation4.1) [125]. The fact that the TGA profiles reached a plateau
could mean that iron oxides and iron carbides were completely converted into metallic iron.
The different values of plateau observed for the different samples are accounted for the different
amounts of metallic iron in the fresh catalysts, which cannot be reduced with hydrogen. The
total weight loss in the TGA experiments is in accordance with the theoretical weight loss
calculated based on the compositionobtained from XRD analysis and Mdssbauer spectroscopic

measurements (Table 4.2).

36



Table 4.2. Comparison of theoretical (based on Mdssbauer and XRD data) and real weight
loss obtained in TGA experiments upon reduction of fresh magnetite-containing

catalysts.
Catalysts Theoretical weight loss / % Real weight loss/ %
Mdossbauer XRD
Fe h 330 21.26 23.79 22.13
Fe h 400 22.42 24.07 23.59
Fe h 330 500 20.62 21.12 21.26
Fe h 650 19.57 19.74 20.29
Fe h 330 650 20.16 20.77 20.69
Fe;0,4 + 4H, 2 3Fe + 4H,0 (4.1)
FeO + H, 2 Fe + H,0 (4.2)
F63C + ZHZ 2 3Fe + CH4 (4‘3)
Fe;C, +4H, 2 5Fe + 2CH, (4.4)

To have a quantitative comparison of the catalysts in terms of their reactivity towards reduction
with H,, an initial reduction rate was calculated using the linear part of the TGA curves (Figure
A.3a). The obtained values for each catalyst are given in Table 4.3. The Fe h 330 and
Fe h 400 catalysts possess the highest initial rates. All other materials do not differ
significantly from each other in this regard. The Fe h 330 and Fe h 400 catalysts are
composed of the smallest Fe;O4 crystallites within all the studied samples and accordingly
possess the highest specific surface area. This could be the reason for their higher reducibility.
Although there is the correlation between the initial rate of sample reduction and the specific
surface area, the tendencyis notstrong. This might be explained by the factthatthe composition
of the samples is complex and different phases might have different reduction kinetics. Based
on the present results, it could be concluded that the reduction of FeO proceeds faster than that
of Fe;04. According to the specific surface area values of Fe_ h 330 650 and Fe h 650, their
reduction rate should be significantly lower. Their higher-than-expected reducibility might be
related to the presence of FeO. This conclusion is in accordance with a previously reported
study [125]. The fact that Fe_h 650 possessing lower specific area and FeO content than
Fe h 330 650 catalyst reveals a higher initial reduction rate could be due to much lower

crystallite size of FeO. Although the reduction of iron carbides proceeds easier in comparison
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with iron oxides (Figure 4.3), their contribution to the overall reduction process could not be

significant, due to the low influence on the overall weight change.

Table 4.3. Initial rates of reduction of fresh catalysts with H; (r.q), reoxidation of their
reduced counterparts with CO; (r.x) and oxidation of fresh catalysts with CO,

(Tox)-
Catalyst I'red / ME/Min Treox / ME/Min Tox / ME/min
Fe h 330 5.53-107 8.39-10°3 2.19-1073
Fe h 400 4.26-102 7.62-10-3 1.83-10-3
Fe h 330 500 3.26-107 4.00-10-3 1.57-103
Fe h 650 3.03-10 3.83-103 8.52-10*
Fe h 330 650 2.79-10 3.57-107 1.03-10-3

The reoxidation kinetics of the catalysts previously reduced by H, was studied through
monitoring weight changes upon reaction with CO,. After the reduction part was completed,
the enclosed volume of thermobalances was flushed with He to remove H; without an exposure
of samples to air and temperature change followed by CO, feeding. The obtained TGA profiles
are given in Figure 4.4b. The increase in the sample weight with rising time on CO, stream is
associated with the reaction of CO, with metallic iron formed upon the preceding sample
reduction with H,. As could be seen in Figure 4.4, the reoxidationprocessis significantly slower
than reduction. No plateau is observed even after 1500 min on CO, stream, while the reduction
process was finished after about 120 min on H; stream. Based on the TGA profile of Fe_h 330,
for which a kind of plateau is observed, a maximal real weight gain was calculated. On this
ground, it can be assumed that the final product of iron oxidation with CO, should be Fe;O, for
all catalysts (equation 4.5).

3Fe + 4C0, & Fe;0, + 4CO (4.5)

An initial reoxidation rate was estimated using the linear part of the TGA curves (Figure A.3b).
The determined values are one order of magnitude lower than those obtained for the reduction
of magnetite-containing catalysts with H, (Table 4.3). Generally, the initial reoxidation rate
correlates with the temperature of material preparation. The higher the temperature, the lower
the reoxidation rate is. A possible explanation for such tendency might be the different
crystallite size of metallic iron present already in the fresh compositions and formed during the
reduction. As could be seen in Table 4.1, the crystallite size of metallic iron in the fresh catalysts
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strongly depends on the temperature of catalyst preparation. It increases when the materials
were treated at higher temperature. As these iron particles are also oxidized by CO,, they may
affect the kinetics of reoxidation. The increase in the size of crystallites might also happen

during iron oxide(s) reduction.

The reduced Fe_h 330and Fe_h 400 catalysts have the highest initial reoxidation rates, while
the reoxidation ability of reduced Fe h 330 500, Fe h 330 650 and Fe h 650 catalysts are
about two times lower and do not differ much. The reduced Fe_h 330 650 material possesses
the lowest rate. The fresh composition of this catalyst contains the highest concentration of
wiistite with the largest size of crystallites. It could be assumed that iron formed upon reduction
of FeO is less easy to reoxidize in comparison with iron formed from Fe;O4. This effect could
be explained as follows. From a mechanistic point of view, the wiistite phase is formed as a
result of the diffusion of metallic iron atoms into magnetite phase during the thermal treatment
at 650 °C. Therefore, magnetite particles covered with a layer of wiistite are created. During
the reduction, these particles could be completely converted into metallic iron particles with
larger crystallites, which could lead to a slower reoxidation. Therefore, iron species formed

after catalyst synthesis and upon reduction with H, differ in the reoxidation ability.

As it was mentioned above, another kind of experiments was carried out in order to investigate
the oxidizability of fresh catalysts possessing metallic iron, wiistite and iron carbides, which
theoretically could be oxidized. Analogously to the previous experiments, the oxidizability of
fresh catalysts was studied by detecting the changes in sample weight during the reaction with
CO,. The obtained TGA profiles are given in Figure 4.5. An increase in the sample weight with
rising time on CO, stream is observed and related to the formation of Fe;O4. Based on the
weight gain, metallic iron, wiistite and iron carbide species should be oxidized to the magnetite
phase. Similar to the reoxidation of reduced catalysts, the oxidation process of fresh materials

takes a considerable period of time and is not completed even after 1500 min on CO, stream.

Table 4.3 presents the initial oxidation rate values calculated for each catalyst from linear
dependences of weight gain on oxidation time (Figure A.3c). The oxidation rates are one to two
orders of magnitude lower than the corresponding values of reduction rates and three to four
times lower than the one related to the reoxidation. It could be assumed that iron formed upon
reduction of fresh catalysts is oxidized easier than wiistite and iron carbide phases present in
the compositions. Generally, the specific surface area of the materials correlates well with the

initial oxidation rate (Figure A.4).
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Figure 4.5. TGA profiles obtained at 300 °C upon oxidation of fresh magnetite-containing
catalysts with CO, (CO,:He = 1:1).

4.1.3 Catalyst screening test

To check the potential applicability of magnetite-containing catalysts for CO,-FTS, a screening
test was performed at 15 bar and at 250, 300, and 350 °C in total over 120 h on-stream. The
reaction was conducted at each temperature for about 40 h starting at 250 °C. No preceding
reductive catalyst treatment was performed. The profiles of CO; conversion and the selectivity
to C,+ hydrocarbons, CH4 and CO as a function of time on-stream at different temperatures are
given in Figure 4.6. The Fe h 330 and Fe_h_400 catalysts outperformed other catalysts in
terms of CO; conversionat250and 300 °C. The activity of other materials improved with rising
time on stream at these temperatures. No changes in the degree of CO, conversion were
observed over all the catalysts tested at 350 °C. Fe_h_650 achieved the highest level of CO,

conversion (0.44) at this temperature.

The catalysts also showed different product selectivity. Fe_h 400 produces mainly CH4. The
selectivity slightly increases with an increase in the reaction temperature and in CO, conversion.
An uprising dependence was established for Fe_h_ 650, while a decreasing tendency in the
selectivity to methane was determined for Fe _h 330 despite the increase in CO, conversion.
The selectivity to CHsover Fe_h 330 500 and Fe_h 330 650 passes a minimum (below 0.1)
at 300 °C and does not exceed 0.2 at 250 and 350 °C. Fe_h 650, Fe h 330 500 and
Fe h 330 650 produce mainly CHy4 at 250 and 300 °C. But this selectivity decreases with
increasing reaction temperature and conversion of CO,. Fe h 330 andFe h 400 reveal lower
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selectivity to CO than other catalysts. The highest C,.-hydrocarbons selectivity of about 0.6
was determined over Fe h 330 and Fe h 330 500 at 300 and 350 °C. The corresponding

olefin/paraffin ratio values within C,-C4 hydrocarbons over these catalysts are 1 and 6 at 250

°Cand 2.4 and 3.4 at 350 °C.
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Figure 4.6. On-stream profiles of CO, conversion and product selectivity in CO;

hydrogenation over magnetite-containing catalysts. Reaction conditions: total
pressure: 15 bar, reaction feed: CO,:H,:N, = 1:3:0.3, GHSV: 1170 mL/g./h,
reaction temperature: 250, 300 and 350 °C, catalyst amount: 300 mg.

The comparison of the best performing Fe h 330, Fe h 330 500and Fe h 330 650 catalysts

in terms of product selectivity with the performance of the state-of-the-art non-supported and

non-promoted Fe-containing catalysts is given in Figure 4.7. More detailed information about

experimental conditions, such as total temperature, GHSV, pressure, etc. is provided in Table

A.1.1t could be seen that the Fe h 330 and Fe h 330 500 samples reveal high selectivity to

Cy+-hydrocarbons on the level with top 10 best-performing materials at the same or lower
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degree of CO, conversion. The comparison of the catalysts at similar level of CO, conversion
shows thatmaterials from the presentstudy reveal the C,,-hydrocarbons selectivity on the same
level as the top 3 best-performing materials. The Fe_h 330 500 and Fe_h 330 650 samples
showed much lower selectivity to methane and much higher olefin to paraffin (C,-Cq4
hydrocarbons) ratios of 5 or 6 in comparison with state-of-the-art catalysts. A comparable
performance is usually achieved using promoted catalysts. Therefore, these results clearly

demonstrate the potential of the approach applied for synthesis of selective catalysts.
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Figure 4.7. Selectivity-conversion valuesobtainedin the presentstudy (red dots) and reported
in literature (black dots) over Fe-based non-supported and non-doped materials.
More experimental details related to the latter materials are provided in Table A.1.

4.1.4 Long-term stability catalytic test

A long-term stability test was conducted with magnetite-containing catalysts at 300 °C over

about 95 h. Most samples showed stable performance for the whole time of the experiment
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(Figure 4.8). The CO, conversion level was between 0.20 and 0.30 depending on the sample
tested. The C,; hydrocarbons selectivity increased with time on stream over Fe_h 330, while a
decrease in the selectivity to CH4 was observed. The corresponding values at the end of the
experiment are 0.60 and 0.16, respectively, at the degree of CO, conversion of about 0.28. The
Fe h 330 650 sample initially showed low selectivity to CH4 of about 0.05, but it increased
drastically up to about 0.25 after 40 h on stream. It could be assumed that the catalyst went
through some structural and chemical changes. The methaneselectivity overthe Fe_h 330 500
sample was about 0.05 duringthe whole time of the test, while the C,.-hydrocarbons selectivity
was 0.40. The olefin/paraffin ratio within C,-C4 hydrocarbons was 6.0. Generally, no
meaningful difference in the catalytic performance between the screening and long-term
stability tests at 300 °C could be determined. No deactivation of the catalyst is seen even after

95 h on-stream.
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Figure 4.8. On-stream profiles of CO, conversion and product selectivity in CO,
hydrogenation over magnetite-containing catalysts. Reaction conditions: total
pressure: 15 bar, reaction feed: CO,:H;:N, = 1:3:0.3, GHSV: 1170 mL/ge/h,

reaction temperature: 300 °C, catalyst amount: 300 mg.
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4.1.5 Mechanistic scheme of CO;, conversion into reaction products

To derive mechanistic insights into the effect of differently composed magnetite-containing
catalysts on product formation, catalytic tests were conducted at 300 °C and different degrees
of CO, conversion. To this end, catalyst amount was varied, while the total feed flow rate was
fixed. The determined selectivity-conversion relationships are given in Figure 4.9. It should be

emphasized that the catalytic data presented were obtained after achieving a steady-state

operation.
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Figure 4.9. Selectivity-conversion relationships obtained over magnetite containing catalysts.
Reaction conditions: total pressure: 15 bar, reaction feed: CO,:H,:N, = 1:3:0.3,
GHSV: 1170-35100 mL/gy/h, reaction temperature: 300 °C.

A decrease in CO selectivity with rising CO; conversion was established for all catalysts. The
selectivity to Cp.-hydrocarbons, on the contrary, increases. The extrapolation of these data to
zero CO, conversion would give a non-zero value for CO selectivity but, on the other hand, a
zero value for Cy;-hydrocarbons selectivity. This dependence suggests that CO is a primary
productof CO; conversion and formed through the RWGSreaction. CO is further hydrogenated
to Co4-hydrocarbons via classical CO-FTS. Based on the present results, hydrocarbons do not

seem to be formed directly from CO,.

The rate of C,.-hydrocarbons formation is affected by the kind of catalyst tested as concluded
from the slope of the dependence of C,.-hydrocarbons selectivity on CO, conversion. From a
kinetic point of view, the steepness of the slope reflects the reaction rate: the steeper the slope,
the higher the formation rate is. On this ground, the Fe h 330 and Fe h 330 500 catalysts
have the highest rate, while the Fe_h 330 650 catalyst possesses the lowest rate. The latter

catalyst does not considerably differ fromthe Fe h 400 and Fe h 650 catalysts in this regard.
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With respect to the O(C,-C4)/P(C,-Cy) ratio, all the tested catalysts could be divided into two
groups. The Fe h 330 and Fe h 330 500 catalysts possessing the highest rate of C,.-
hydrocarbons formation produceas well the highest amount of olefins as reflected by the higher
O(C,-Cy)/P(C,-Cy) ratio in a wide range of CO, conversion (Figure 4.10). As olefins are
regarded to be the primary products in the CO-FTS [72], it can be assumed that the Fe_h 330
and Fe h 330 500 catalysts possess suppressed ability for secondary hydrogenation of
unsaturated hydrocarbons to paraffins. This assumption is indirectly supported by the results

related to CH4 formation discussed below.
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Figure 4.10. The effect of CO, conversion on the O(C,-C4)/P(C,-C4) ratio over different
magnetite-containing catalysts. Reaction conditions: total pressure: 15 bar,
reaction feed: CO,:Hy:N, = 1:3:0.3, GHSV: 1170-35100 mL/g./h, reaction
temperature: 300 °C.

The effect of CO, conversion on the selectivity to CH4 also depends on the kind of catalyst
applied. The selectivity over Fe_h 650, Fe h 400 and Fe_h 330 650 increases with rising
CO; conversion (Figure 4.9). This result suggests that methane is formed through secondary
CO hydrogenation. However, the direct methanation of CO, cannot be completely neglected,
but plays a less significant role in comparison with the CO hydrogenation route as concluded
from a close-to-zero methane selectivity at zero level of CO, conversion. On the other hand, no
prominent effect of CO, conversion on CHy selectivity over Fe_ h 330 and Fe_h 330 500
could be established up to 0.25 CO, conversion. The selectivity value stays below 0.10. A
similar value should also be atzero degree of CO, conversion. Therefore, this undesired product
is formed directly from CO, over Fe_h 330 and Fe_h 330 500 catalysts below 0.25 CO,
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conversion. In addition to this route, another pathway of CH4 formation occurs at degrees of
CO; conversion higher than 0.25. The selectivity to methane increases drastically over
Fe h 330 catalyst above this conversion degree. The increase occurs along with a decrease in
the selectivity to C,4-hydrocarbons. Therefore, it could be assumed that higher hydrocarbons
are converted to CH4 probably through hydrogenolysis reaction [54]. This reaction starts to play

a prominent role after the concentration of higher hydrocarbons achieved a certain level.

Based on the above discussion, the following reaction scheme of CO, conversion into various
reaction products over magnetite containing catalysts could be proposed (Figure 4.11). CO is
the primary product and formed directly from CO; over all the catalysts. C,.-hydrocarbons are
formed through further hydrogenation of CO and participation in chain-growth reaction. CHy
is formed through three different ways. The selectivity through direct CO, methanation is
always present at a level of about 0.05-0.08. The other two routes are CO hydrogenation and
hydrogenolysis of C,-hydrocarbons. The impact of these different routes of CH4 formation is

affected by the catalyst composition.

Figure 4.11. Pathways of CO, conversion into different reaction products.

4.1.6 Reaction-induced changes in catalyst composition

To investigate how the phase composition of differently composed magnetite-containing
catalysts changes under CO,-FTS conditions, Mdssbauer spectroscopic analysis was conducted
with spent materials after about 95 h on stream at 300 °C. 300 and 50 mg of spent catalysts
were selected for the characterization. This allowed to check if the phase composition is
homogeneously distributed along the catalyst bed as 50 mg samples represent the first 1/6
upstream layer of the 300 mg samples. The obtained spectra are given in Figure A.1, while the
corresponding quantitative analysis of phase compositions is presented in Table 4.4. Assuming
that the first 50 mg of 300 mg (first 1/6 upstream layer) spent sample has the same composition
as 50 mg spent sample, it is possible to estimate the composition of the last 250 mg of 300 mg
(5/6 downstream layer) spent sample. Hereby, the content of each individual iron containing

phase in the 50 mg spent catalyst was subtracted from the corresponding content in the 300 mg
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spent catalyst. The obtained difference is the content of the iron-containing phases in the
remaining 5/6 down-stream layer. On this basis, the content of each phase was calculated in the

first 1/6 upstream part and 5/6 downstream layers and is given in Figure 4.12.

Table 4.4. Composition (wt. %) of spent (50 or 300 mg) catalysts after long-term stability
test accordingto Mossbauer spectroscopy as well as calculated composition of 5/6
downstream 300 mg catalyst bed. Reaction condition: total pressure: 15 bar,
reaction feed: CO2:H2:N2 = 1:3:0.3, total feed flow 5.85 mL/min, reaction
temperature: 300 °C.

Catalyst Fe;04/ % Fe/% FeO /% FesC/% FesCa /%
Full catalyst bed (300 mg spent)
Fe h 330 80.2 - - 4.9 14.9
Fe h 400 89.2 - - 2.9 7.9
Fe h 330 500 72.2 1.6 - - 26.3
Fe h 650 74.7 12.6 - 2.5 10.2
Fe h 330 650 36.5 4.3 - - 59.2

1/6 upstream catalyst bed (50 mg spent)

Fe h 330 12.4 - - - 87.6
Fe_h_400 82.8 - - 4.9 12.4
Fe_h 330 500 5.0 - - - 95.0
Fe h 650 53.2 3.3 - 7.0 36.5
Fe_h 330 650 8.8 3.6 - - 87.6

5/6 downstream catalyst bed

Fe_h 330 93.7 - - 5.9 0.4
Fe_h_400 90.5 - - 2.5 7.0
Fe h 330 500 85.6 1.9 - - 12.5
Fe h_650 79.0 14.4 - 1.6 5.0
Fe h 330 650 42.0 4.4 - - 53.6

The discussion starts with the consideration of the results obtained for the first 1/6 upstream
catalyst layer. In comparison with the fresh catalysts, the content of metallic Fe strongly
decreased even though the content of H, in the reaction feed is three times higher than CO,.
Apart from the Fe_h 400 catalyst, the content of Fe;04 also significantly decreased. Likewise,
FeO presentin the fresh Fe_h 330 650 and Fe_h 650 catalysts is not present in their spent
counterparts. The decrease in the content of the above-mentioned phases is associated with their
conversion mainly into FesC, and to a lesser extent into Fe;C. The transformation occurs
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through their reaction with CO produced from CO; in the thin upstream layer of the catalyst
bed. The content of FesC, in the spent Fe_h 330,Fe h 330 500,and Fe h 330 650 samples
is above 85%, while the corresponding fraction in the spent Fe_h 400 and Fe_h 650 catalysts
is only 12 and 37%. The Fe;C phase was not identified in the spent Fe_h 330, Fe h 330 500
and Fe_h 330 650 catalysts. The content of this phase in the spentFe h 400 and Fe _h 650
catalysts is 5 and 7%, respectively. As the C/Fe ratio is lower in Fe;C than in FesC, and the
former phase could be detected only in samples containing relatively low amount of FesC,
(below 20%), it could be assumed, that Fe;Cis formed firstunder CO,-FTS conditions and then

transformed into Fe;C,.
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Figure 4.12. Fraction of different iron-containing phases according to Mossbauer

spectroscopic analysis of fresh and spent (after CO, hydrogenation tests with 300
or 50 mg over 95 h on stream at 300 °C and total feed flow of 5.85 mL/min)
catalysts. 1/6 bed represents 50 mg samples and 5/6 is the subtraction of 50 mg
composition from the 300 mg catalyst layer. The corresponding values are given
in Table 4.4.

The discussion continues with the consideration of the results obtained for the downstream 5/6
catalyst layer of 300 mgbed. In comparison with the fresh catalyst composition, the amount of
metallic Fe decreased in all samples tested. Contrarily, the fraction of Fe;O4 in spent catalysts
increased in comparisonwith the fresh materials and the first 1/6 upstreamlayer. The FeO phase

presentin fresh Fe_h 330 650 and Fe_h_650 is not found in the corresponding spent samples.
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The differently prepared materials show different ability to generate/stabilize FesC, under the
CO,-FTS conditions. The highest fraction of the FesC, phase was established in the spent
Fe h 330 650 sample. The corresponding fresh catalyst contains the highest amount of the
FeO phase and the lowest amount of the Fe;O,4 phase. The former phase seems to play an
important role for the formation of FesC, presumably due to its easier transformation into
metallic Fe, which reacts with CO forming iron carbides. The low content of metallic Fe and
the absence of the FeO phase in fresh Fe_h 330and Fe_h 400 catalysts are likely the reasons
for the low fraction of FesC, in their spent counterparts. Fe;C can be converted both into Fe;Oq4
and FesC,. For the fresh Fe_h 330 and Fe_h 400 catalysts containing iron carbides, a decrease
in the fraction was detected in their spent counterparts because of their oxidation to Fe;O4

during the CO,-FTS reaction.

Based on the above discussion, it could be concluded that steady-state catalyst composition is
not only affected by the initial composition but is also non-homogeneously distributed along
the catalyst bed. However, the strength of these changes is influenced by the initial catalyst
composition. The most important transformations are related to the concentration of the Fe;O4
and iron carbide phases. The content of the former phase in the 5/6 downstream layer of the
300 mg catalyst bed is comparable to that in their fresh counterparts but is meaningfully lower
than in the 1/6 upstream layer. Contrarily, iron carbide phases are mostly located in the
upstream part of the catalyst bed and their fraction in the downstream layer is significantly
lower. Based on the analysis of the composition of upstream and downstream parts of the
catalystbed, the catalysts could be ordered with respectto their ability to generate/stabilize iron
carbide phases as follows: Fe h 330 650 > Fe h 400 > Fe h 650 > Fe h 330 500 >
Fe h 330.

Taking into account the distinctive kinetics of reduction and oxidation of fresh materials with
H, and CO,, respectively (Table 4.3), it could be expected that metallic Fe should be the
dominant phase under steady-state CO,-FTS conditions. However, the content of this phase in
spent samples is lower than in their fresh counterparts. This should be connected to the
transformation of metallic Fe into iron carbides through the reaction with CO produced from
CO, over Fe;04. As mentioned above, Fe;04 and FeO could also be transformed into iron
carbides. Therefore, the rate of iron carbides formation should be greater than the rate of their
reduction by H, and oxidation of metallic Fe by CO,. This conclusion, however, seems to be
valid only for a thin upstream catalyst layer. Except for the Fe_h_ 400 catalyst, the first 1/6

upstream part of all other catalysts contain predominantly (above 40%) iron carbides.
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Nevertheless, their content decreases downstream along the catalyst bed, while the content of
Fe;0,4 and metallic Fe increases to larger and minor extents, respectively. The concentration of
the metallic Fe in the 5/6 downstream part as well as in the 1/6 upstream part is considerably
lower than in the fresh materials. Therefore, (re)oxidation should be accounted for the reaction-
induced transformations downstream along the catalyst bed. As was shown earlier, CO; is a
very weak oxidant (Table 4.3) and its concentration decreases along the catalyst bed (Figure

4.13a). Therefore, this reactant cannot be responsible for the mentioned changes.
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Figure 4.13. Spatial profiles of partial pressure of (a) CO,, (b) CO, and (c) H,O as well as (d)
the ratio of partial pressure of H,O to that of CO. Presented values are obtained
over 10—-300 mg catalystmass loads based on molar fraction of particular product
and overall pressure after CO, hydrogenation tests over 95 h on stream at 300 °C
and total feed flow of 5.85 mL/min.

The only plausible oxidantis water produced during CO, conversioninto CO and hydrocarbons
(CHy4 and C,.). As the developed catalysts possess different activity for the conversion of CO,,
different partial pressures of water are achieved in the same parts of catalyst bed for different

catalysts (Figure 4.13c¢). Thisis also relevant for the partial pressure of CO, which is responsible
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for the formation of iron carbides (Figure 4.13b). The ratio of the H,O/CO partial pressures
depends on the catalyst applied and increases along the catalyst bed (Figure 4.13d). Therefore,
the competition between the rates of CO and H,O formation as well as of Fe/FeOy
reduction/carburization with CO and of oxidation of Fe/FeC, with H,O will establish catalyst

steady-state composition and consequently catalyst performance.
4.1.7 Structure-activity-selectivity relationships

According to various previous studies [8] and the present results, the conversion of CO, into
higher hydrocarbons begins with the RWGS step forming CO. This intermediate is
hydrogenated further into CH4 and C,.-hydrocarbons. The former is produced additionally
directly from CO,. As all products are generated over different iron-containing phases, it is
highly important to elucidate factors affecting the formation of these phases and the role they
play in the course of CO, hydrogenation.

It is generally accepted that Fe;O4 is the active phase in the RWGS reaction [29]. To check if
CO; conversion is affected by redox properties of magnetite, the relationship between the
overallrate of CO, conversion obtained from CO,-FTS experiments and the initial rate of Fe;O4
reduction with H, determined from TGA experiments was plotted (Figure 4.14). A clear
tendency can be seen. The CO, conversion rate increases with an increase in the rate of Fe;0;4
reduction. Asthe RWGS reaction determines the CO, conversion in CO,-FTS, this dependency
could be understood when considering one of the proposed mechanisms of the RWGS reaction
described in section 1.3.3. It has been repeatedly reported that CO, activation over metal oxide
catalysts is improved in the presence of oxygen vacancies. According to the redox mechanism,
when CO; reacts with such defect, gas-phase CO is formed, while the remaining oxygen refills
the vacancy to yield lattice oxygen [6, 72]. In a second step, H, removes the formed oxygen
species in form of water and, thus, recovers oxygen vacancy. Therefore, catalysts with high

reducibility should be active in CO; conversion into CO through the RWGS reaction.

The discussion proceeds with the consideration of factors affecting product selectivity. It is
generally accepted that iron carbides are required for chain-growth reactions. To prove this
statement, the selectivity to C,.-hydrocarbons obtained in experiments using 300 or 50 mg of a
catalyst was related to the content of iron carbides in the corresponding amounts of spent
catalysts (Figure A.5). However, no meaningful correlation could be established. The
explanation could be that the catalysts significantly differ in their activity and as it was already

shown above: the conversion strongly affects the product selectivity (Figure 4.9). Thus, this
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result could be followed from the inconsistent catalyst activity leading to different degrees of

CO, conversion.

Fe_h_330

— 551 .
“""4—-
(1)
[&]
2 Fe_h_400
6 50 e; E;
=
&
— 454
- Fe_h_330_500
N o
Q i
9 404 Fe_h 650
| .

Fe_h_330_650

[ ]

35

003 004 005 006
Mg / M@/mMin

Figure 4.14. The overall CO; conversion rate obtained at 300 °C and CO, conversion of about
0.12 versus the initial rate of reduction of fresh catalyst with H».

For a proper comparison of catalysts in terms of product selectivity, the latter should be
compared at a similar degree of CO, conversion. For all catalysts, it was possible to achieve the
degree of CO, conversion of about 0.20 when using 20, 50, 300,300, 0r 300 mgof Fe_h 330,
Fe h 400, Fe_ h 330 500, Fe h 330 650, or Fe_ h 650 and the total feed flow of 5.85
mL/min. The phase composition in these catalyst amounts after about 95 h on stream was
determined by means of Mdssbauer spectroscopy. When now relating product selectivity with
the steady-state catalyst composition, some correlation could be established. For all catalysts,
an increase in the fraction of iron carbides (Fe;C and FesC,) leads to an increase in the
selectivity to C,-hydrocarbons (Figure 4.15a). The deviation of the data point corresponding
to the content of iron carbides of about 60% could be explained when considering the influence
of metallic Fe on product selectivity. This phase apparently enhances the methane formation.
The selectivity to methane over the Fe h 330 550, Fe h 330 650 and Fe_h_ 650 catalysts
increases with rising content of metallic Fe (Figure 4.15c¢). It should also be mentioned that the
slope of the relationship of methane selectivity on CO; conversion increases with an increase
in the fraction of metallic Fe (Figure 4.9b). Therefore, it could be assumed that metallic Fe
participates in CO hydrogenationto CHy4. Furthermore, this reaction pathway is almost hindered
overthe Fe h 330 catalyst, where no metallic Fe was detected. The highestmethane selectivity
was reached overthe Fe_h 400 sample, where metallic Fe is not present. This spent catalyst,
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onthe otherhand, contains the highestamount of Fe;04 and the lowest content of iron carbides.
A positive correlation between the methane selectivity and the fraction of Fe;0,4 was obtained,
although one data pointcorrespondingto Fe h 330 500catalystdeviatesfrom this dependence
(Figure 4.15b). This catalyst possesses the lowest ability for consecutive CO hydrogenation as
concluded from the dependence of this selectivity on CO, conversion. Therefore, an optimal
ratio between the content of Fe;O4 and Fe,C, phases is required for efficient production of

higher hydrocarbons from CO,.
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Figure 4.15. The effects of (a) Fe,C,, (b) Fe304 and (c) Fe contentin spent catalysts on the
selectivity to C,-hydrocarbons and CHy4. The selectivity values were obtained at
300 °C and CO; conversion of about 0.20. The fractions of the corresponding

phases were determined in catalyst amounts required to achieve this conversion
degree.

4.1.8 Summary

Iron (IT) oxalate dihydrate is a suitable precursor for the production of iron-containing catalysts
with easily tunable fractions of Fe;O4, FeO, FesC,, Fe;C and metallic Fe. Such catalysts can be
applied for CO,-FTS experiments without any preceding reductive treatment. Thus, it was
possible to unambiguously understand the reaction-induced transformations of iron-containing
phases under reaction conditions. For instance, it was determined that the FeO is easily
converted to FesC, supposedly because of its fast reduction to metallic Fe, which reacts with
CO forming iron carbides. Therefore, the steady-state composition depends on the initial
composition and could be tuned through the controlled catalyst preparation. Moreover, for the
first time, it was shown that the steady-state composition is not uniform and changes along the
catalyst bed. Iron carbides are formed directly in the up-stream located catalyst layer. Their
fraction decreases along the catalyst bed upon progressing CO, conversion, while the content

of Fe30y4, on the other hand, increases.
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The potential of the approach applied for catalyst synthesis is clearly demonstrated when
comparing the catalytic performance results with the one reported in literature. The developed
catalysts showed catalytic performance on the level with top 3 best-performing state-of-the-art
non-promoted Fe-based materials in terms of suppressed selectivity to methane and enhanced
olefin/paraffin ratio within C,-C4 hydrocarbons. In addition, reaction pathways leading from
CO;, to CO, CH4 and higher hydrocarbons were elucidated. CO is proved to be the main primary
product participating in further hydrogenation to CH4 and higher hydrocarbons. Two additional
ways of CH4 formation were established, which are direct CO, methanation and hydrogenolysis

of higher hydrocarbons.

Due to the above-mentioned non-homogeneous composition distribution, catalysts at similar
conversion degrees should be compared in order to establish the catalytic performance —
composition relationships. To this end, a positive correlation between the fraction of iron
carbides and the selectivity to C,+-hydrocarbons was determined. Metallic Fe was found to be
responsible for CO hydrogenation to CH4. Beside catalyzing the RWGS reaction, Fe;O4 is also
active in CO, hydrogenation towards CH4, however, with the former being the main reaction.
The reducibility of the catalyst was proved to be an important factor affecting the overall CO,

conversion rate. The higher the reducibility, the higher the CO, consumption rate is.
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4.2 Hematite-containing catalysts

The advantage of hematite-containing catalysts is that the phase composition (a-/y-Fe,0O3) and
the crystallite size of the materials prepared through iron (IT) oxalate dihydrate decomposition
could be thoroughly controlled. This allows to investigate the effects of the crystallite size and

the initial composition on catalyst activity and product selectivity in the course of CO;

hydrogenation.

4.2.1 General characterization of fresh catalysts

Two series of hematite-containing catalysts were synthesized with the variation of a-Fe;Os;
crystallites in single-phase materials (Series 1) and with the variation of a-/y-Fe,O3 phase ratio
in mixed-phase materials (Series 2). For the preparation of catalysts both commercial and in-
house synthesized iron (II) oxalate dihydrate were used. The obtained XRD patterns of these
materials are characteristic for the monoclinic iron oxalate dihydrate (Figure 4.16a). However,
the intensities of several individual reflexes are clearly different, which could implicate that the
iron (II) oxalate dihydrates differ in their morphology. For this reason, SEM analysis was
conducted, which showed that in-house synthesized ferrous oxalate dihydrate consists of 5 pm
particles with plain grains assembled in 20 pm agglomerates (Figure 4.17a). The commercial
iron (IT) oxalate dihydrate is composed of 30 um particles with cracked grains assembled in

120 pm agglomerates (Figure 4.17b).
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Figure 4.16. XRD patterns of (a) iron (II) oxalate dihydrate precursors (commercial
(FeC,04_c) and in-house synthesized (FeC,04_h)) (b) fresh Fe,O3 catalysts from
Series 1 and (¢) fresh Fe,O3 catalysts from Series 2.

The content of Fe in the applied iron (II) oxalates corresponds to the theoretical value in iron

(IT) oxalate dihydrate as determined from X-ray fluorescence analysis (Table 4.5). The main
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impurities in the materials are Si and P with the corresponding weightamounts of about0.3 and

0.1 wt%. Any other contaminants are present in neglectable quantities.

Table 4.5. The results of X-ray fluorescence analysis of commercial and in-house
synthesized iron oxalate dihydrate.
/ wt% Si P Ca Mn Fe Cu Ni Zn Ru Y La
FeOx ¢ 0.271 0.0708 255.8 563.0 28.687 0 117.8 40.0 0.1 0 0
ppm ppm ppm  ppm ppm
FeOx h 0.290 0.110 410.9 0 28.758 38.1 0 0 0 12.7 1524
ppm ppm ppm _ ppm

The specific surface area (Sggr) of fresh catalysts is listed in Table 4.6. The highest value of

358 m?/g was established for the sample prepared at 180 °C, while the catalyst treated at 330

and afterwards at 650 °C has the lowest value of 12 m?/g. Generally, a decrease in the specific

surface area correlates with an increase in catalyst synthesis temperature. Therefore, it is likely

that high temperature treatment causes sintering of crystallites and decrease in the surface area.

Table 4.6. Phase composition (wt%) determined from XRD, the crystallite size (coherent
scattering region (CSR)) of a-Fe,O3 and y-Fe,O3 and specific surface area (Sggr)
and the temperature of maximal rate of reduction of Fe,O3 to Fe;04 (Tmax(Fe203
to Fe;04)) as determined from H,-TPR profiles of fresh samples.

Catalyst o-Fe;O;  y-FeoO3  CSR (a-FexO3) CSR (y -FeaO3) /' Sger/ Tmax(Fe2O3 to
/ wt% / wt% /nm nm m?/g Fe3;04)/°C
Series 1
Fe ¢ 10onm 100 - 10 - 95 379.3
Fe ¢ 14nm 100 - 14 - 40 409.3
Fe ¢ 19nm 100 - 19 - 38 422.6
Fe ¢ 26nm 100 - 26 - 34 425.8
Fe h 31nm 100 - 31 - 12 464.1
Series 2
Fe h 23% 23.2 76.8 18 14 63 354.9
Fe ¢ 53% 52.5 47.5 21 15 50 380.0
Fe ¢ 64% 64.0 36.0 39 30 17 388.1
Fe h am  Amorphous Fe;03 - - 358 400.0
Fe h 82% 82.0 18.0 37 25 21 439.5
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The phase composition of the fresh catalysts was identified by XRD analysis (Figure 4.16b)
and is given in Table 4.6 together with the crystallite size of each phase determined. All
catalysts from Series 1 are single-phase materials containing only the hematite phase (a-Fe,05).
However, the materials differ in the crystallite size of this phase. It depends on the calcination
temperature, at which they were prepared. The higher the treatment temperature, the higher the
crystallite size is. Hematite samples synthesized at 300, 400, 500, 600 or 650 °C consists of
crystallites of 10, 14,19, 26 or 31 nm, respectively.

Figure 4.17. SEM images of (a) in-house synthesized and (b) commercial iron (II) oxalate
dihydrates as well as fresh Fe,O3; prepared on their basis (c) Fe_h 23% and (d)
Fe ¢ 53%.
Except for X-ray amorphous Fe_c_am sample, all other catalysts from Series 2 consist of a
mixture of hematite (a-Fe,Os3) and maghemite (y-Fe,O3) phases with the fraction of the former
phase being between 23 and 82% (Figure 4.16¢). As a general tendency, the higher the fraction
of hematite phase, the larger the crystallite size both of a-Fe,O; and y-Fe,O; are. It could be
explained by the higher temperature of synthesis of catalysts containing higher amount of
hematite phase. In all crystalline materials, the hematite phase consists of larger crystallites than
the maghemite phase. Interestingly, Fe h 23% and Fe ¢ 53% synthesized at the same
temperature but from different ferrous oxalate dihydrate precursors have different
compositions. This result indicates that these two precursors might have different reactivity in

the decomposition reaction supposedly because of different particle size of ferrous oxalates
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(Figure 4.17a,b). Ferrous oxalate dihydrate decomposes forming solid-phase FeO and gas-
phase CO and CO,, [114]. Hermanek etal. [110] stated that the rate of the oxidation of CO by
oxygen, when the decomposition proceeds in air, has an important influence on the forming
composition. From a thermodynamical viewpoint, the product of FeO oxidation by oxygen
should be a-Fe,Os3, but if the transport of the oxidizing agent is slow and the oxidation of CO
proceeds slowly, Fe;O4 is formed as an intermediate phase, which is then converted into -
Fe,0s, for the reason of the similarity of the lattice structures. Prolonged thermal treatment of

v-Fe,O3 leads to the conversion of y-Fe, O3 into a-Fe,Os.

Accordingto the SEM analysis, the fresh Fe,O; catalysts inherit the size and the shape of the
precursor agglomerates, which are 20 um for the samples derived fromthe in-house synthesized
oxalate and 120 pm for the catalysts prepared from the commercial precursor (Figure 4.17c,d).
However, the particles, from which these agglomerates are composed, became cracked and
even fractured. These particles are porous inside and consist of nanometer sized Fe,O3

crystallites as determined from XRD analysis.

4.2.2 Redox properties of fresh catalysts

Reducibility of fresh catalysts was analyzed by H,-TPR measurements. The profiles of H, flow
collected atthe reactor outletare shown in Figure 4.18. A decrease in the flow reflects hydrogen
consumption due to the reduction of iron oxides. Typically, the reduction comprises three
consecutive steps, Fe,0;—Fe;0,—FeO—Fe, with the first well-distinguished step happening
at lower temperature and the two other overlapping steps taking place at higher temperature
[125-127]. This overall reduction sequence seems to be appliable for the present materials. A
small peak preceding the first reduction step of amorphous iron (III) oxide catalyst could be
seen in the H,-TPR profile. This sample possesses the highest specific surface area. Therefore,
it could be assumed that this small peak of H, consumption is devoted to the reduction of surface
oxygen from Fe,O3; and other consumption peaks taking place at higher temperatures are

ascribed to the bulk reduction processes.

The reducibility of single-phase catalysts from Series 1 is affected by the crystallite size of a-
Fe,03, as could be concluded from the corresponding H,-TPR profiles. The lower the crystallite
size, the easier the reduction progresses (Figure 4.18a). The content of y-Fe,O3 phase, which
coexists with a-Fe;Os3 in mixed-phase catalysts from Series 2, seems to be an important
descriptor for the reducibility. There is an increase in the temperature of maximal reduction rate
of Fe,03 to Fe;04 with rising fraction of y-Fe,Os (Figure 4.18b). The specific surface area could
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be excluded as the only factor influencing the reducibility because the Fe ¢ 64% catalyst has
lower area than the Fe_h 82% catalyst but possesses higher reducibility. This result can be
explained when considering the following factors. From a crystallographic point of view, -
Fe,Os3 has a structure similar to Fe;O4, which is the product of the first step of Fe,O3 reduction.
Both phases belong to the cubic crystal system and comprises cubic close-packed oxygen
lattice. The only difference in the structures is the presence of iron vacancies in the octahedral
sites and the absence of Fe?* cations in the y-Fe,O3 phase [128]. Therefore, no significant
structural changes occur upon the reduction of maghemite to magnetite, which is favored
kinetically. On the other hand, a-Fe,Os is crystallized in the trigonal crystal system with the
hexagonal close-packed oxygen lattice, where two thirds of the octahedral sites are occupied
by Fe3* cations. The hexagonal close-packed oxygen lattice should be transformed to the cubic
close-packed oxygen lattice during the reduction process. Thus, the reduction of hematite to

magnetite should progress slower than the reduction of maghemite.
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Figure 4.18. Profiles of H, flow at the reactor outlet upon H»-TPR (5 vol% H; in Ar) of fresh
catalysts from (a) Series 1 and (b) Series 2.

Even though the Fe ¢ _am catalyst has the highest specific surface area, it showed almost the
lowest reducibility (Figure 4.18b). It could be due to the reason that the phase transformation
from the amorphous Fe,O3; to the crystalline a-Fe,O; may happen during the H,-TPR
experiment. Such transformation was described in many studies during the thermal treatment
of amorphous iron (III) oxide materials in nitrogen, air, or vacuum [110, 129]. As was
mentioned in the above-discussed H,-TPR experiments with the mixed-phase Fe,Os, the

reduction of hematite proceeds slower than the reduction of maghemite.
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The reducibility of single-phase a-Fe,O; fresh catalysts was also studied under isothermal
conditions. Forthis reason, in situ TGA experiments were conductedat300 °Cusing H, (H,:He
= 1:1) as areducing agent. A decrease in the weight was observed for all catalysts with rising
time on H; stream up to about 2.5 h (Figure 4.19). The decrease is associated with the removal
of lattice oxygen from iron oxide(s) by H, in form of water. Two consecutive steps are well
distinguished in the TGA profiles. At a selected temperature of 300 °C, the reduction of
hematite proceeds through a two-step mechanism: in this case no FeO intermediate is formed
(equations 4.6-4.7). The fact that the TGA profiles reached a plateau on H; stream could mean
that iron oxides were completely converted into metallic iron. The total weight loss in the TGA
experiments is in agreement with the theoretical values calculated based on the mass of the

tested catalysts and the stoichiometry of the reduction processes.
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Figure 4.19. TGA profiles obtained at 300 °C upon reduction of single-phase a-Fe,O3 samples
from Series 1 with H, (H,:He=1:1).

Fe203 + 3H2 2 2Fe + 3H20 (4‘6)
Fe304 + 4H2 2 3Fe + 4H20 (4‘7)

From a kinetic viewpoint, the steepness of the slope of the TGA profiles reflects the reaction
rate: the steeper the slope, the higher the reduction rate is. Single-phase catalysts with low
crystallite sizes and, consequently, high specific surface areas possess high reduction rate.
Unfortunately, the presence of two consecutive reduction steps does not allow to perform a

reliable quantitative analysis using a linear part of a curve as it was done for magnetite-
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containing catalysts. However, qualitatively the order of catalyst reducibility is in a good

agreement with the one derived from the H,-TPR experiments.

4.2.3 CO»-FTS performance of single-phase a-Fe;0; catalysts

A long-term stability test (for about 110 h on stream) with the catalysts from Series 1 was
carried out at 300 °C and 15 bar after preceding reductive treatment at 400 °C in a Hy:N,=1:1
flow at the same pressure for 2 h. A slight decrease in CO, conversion with rising time on
stream was observed. Unstable behavior of catalysts in terms of olefin/paraftin ratio within C,-
C4 hydrocarbons during the experiment could also be seen. On the contrary, the selectivity to
CO, CH4 and Cjy:-hydrocarbons was determined to be stable for the whole time of the
experiment (Figure 4.20).
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Figure 4.20. On-stream profiles of (a) CO, conversion, (b) product selectivity and (c) the
olefin/paraffin ratio within C,-C4 hydrocarbons in CO, hydrogenation over
catalysts from Series 1. Reduction conditions: temperature: 400 °C, H:N, = 1:1.
Reaction conditions: total pressure: 15 bar, reaction feed: CO,:H;:N, = 1:3:0.3,
GHSV: 7020 mL/g/h, temperature: 300 °C, catalyst amount: 50 mg.

The conversion, selectivity and chain growth probability values at the end of the experiment
are shown in Figure 4.21. The Fe_h 3 1nm catalyst strongly deviates from other materials in
terms of CHy selectivity, which is below 0.05 at the degree of CO, conversion of about 0.15.
The corresponding selectivity values for other samples are above (.2, however, ata higher level
of CO, conversion. Moreover, the olefin/paraffin ratio within C,-C4 hydrocarbons obtained
over Fe_h 31nm is significantly higher, when comparing it with other samples, i.e., 5.9 vs. 0.2.
Except for the mentioned catalyst, the selectivity to CO, CH4 and C,-C4 paraffins over other
materials increases with an increase in the crystallite size of fresh a-Fe,O; (Figure 4.21). On
the contrary, the selectivity to Cs.-hydrocarbons and light olefins (C,-C4) along with the chain
growth probability and the O(C,-C4)/P(C,-Cy) ratio decreases. Importantly, the degree of CO,

conversion stays almost unchanged.
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Figure 4.21. Catalytic performance of single-phase a-Fe,O; catalysts from Series 1 in CO;-
FTS after 110 h on stream. Catalyst reduction conditions: temperature: 400 °C,
reduction feed: H,:N, = 1:1. Reaction conditions: total pressure: 15 bar, reaction
feed: CO,:Hy:N,=1:3:0.3, GHSV: 7020 mL/g./h, temperature: 300 °C, catalyst
amount: 50 mg.

To derive further insights into the above-described crystallite-size effect on CO,-FTS, the

selectivity-conversion relationships for CO, CH4 and C,,-hydrocarbons were obtained. For this

reason, long-term stability experiments were conducted at different levels of CO, conversion
obtained through varying the catalyst amount (600, 300, 100, 50,20, 10 mg) while keeping the
feed flow constant. The obtained relationships are shown in Figure 4.22. For all catalysts, there
is a decrease in the selectivity to CO with rising CO, conversion. Except for the Fe_h 31nm
catalyst, a small increase in the selectivity was determined over other samples when the CO,
conversion reached the level of 0.23. The reason for this increase is the ununiform spatial
distribution of steady-state iron-containing species along the catalyst bed (considered in details
in section 4.2.5). Briefly, the higher degree of CO, was achieved by using the higher catalyst
amount. The content of Fe;O4 favoring the formation of CO prevails in the steady-state
composition of a bigger mass loading. The extrapolation of CO selectivity to zero CO;

conversion would lead to a non-zero high (above 0.9) value. This is the fingerprint that CO is a

primary product of CO, conversion through the RWGS reaction. On the contrary, there is an

increase in the C,,-hydrocarbons selectivity with an increase in the conversion (Figure 4.22b).

When extrapolating the selectivity to C,;-hydrocarbons to zero CO; conversion, a zero value is

obtained. This dependence implicates that C,.-hydrocarbons are secondary products and are

formed through further CO hydrogenation, as the selectivity to the latter product decreases with
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rising CO; conversion. A small decrease in the selectivity to C,.-hydrocarbons was obtained
when the CO; conversion reached 0.23 level, which is not associated with the hydrogenolysis
reactions as it was described in section 4.1.5 for the magnetite-containing catalysts. A non-
homogeneous spatial distribution of steady-state catalytically active phases should be
responsible for the decrease as will be discussed in detail below after considering the phase

composition of spent catalysts.
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Figure 4.22. Selectivity-conversion relationships obtained for single-phase a-Fe,O3 catalysts
from Series 1. Reduction conditions: temperature: 400 °C, H,:N,=1:1. Reaction
conditions: total pressure: 15 bar, reaction feed: CO,:H»:N,=1:3:0.3, GHSV: 585-
35100 mL/g./h, temperature: 300 °C.

CO is also converted to methane as can be concluded from increasing CHy4 selectivity with
rising CO, conversion (Figure 4.22¢). The direct hydrogenation of CO, into CH,4 also takes
place. This conclusion is made on the experimental fact that a non-zero CHy selectivity value
is obtained atzero level of CO, conversion. Generally,except forthe absence of hydrogenolysis
leading to the methane formation, the pathway of CO, hydrogenation into various reaction
products corresponds to the one determined for the magnetite-containing catalysts described
and discussed in section 4.1.5 (Figure 4.11). Within the two pathways of CH4 formation over
Fe, 05 catalysts, the direct CO, methanation prevails over Fe_h 31nm but with a low reaction
rate, while CO hydrogenation to CH4 dominates over other materials. This conclusion is based
on the analysis of the slope of the selectivity-conversion dependence for this product. There is
a small increase in selectivity to CH4 over Fe_h 3 1nm with an increase in conversion of CO,,
i.e., the slope of this dependence is close to zero. On the other hand, the slope determined for
other samples is noticeably greater than zero and the values differ from each other (from 0.94
to 0.83). This result implies that the Fe_ h 10nm, Fe_h 14nm, Fe_h 19nm and Fe h 26nm
materials show different activity towards CH,4 formation through CO hydrogenation. The

catalysts should also differ in the rates of direct CO, methanation because they have different
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values of the methane selectivity at zero CO; conversion. This value grows from 0.03 to 0.07
with an increase in the crystallite size of fresh a-Fe,O; catalysts from 10 to 26 nm. Therefore,
the established dependence opens a possibility for controlling this undesired pathway through

tuning hematite crystallite size.

Interestingly, the direct CO, methanation can also be regulated through catalyst reduction
temperature before the CO,-FTS reaction. While the selectivity to C,:-hydrocarbons is not
affected by the reduction temperature, a clear effect on the selectivity to CH4 and CO could be
seen as exemplified for Fe ¢ 10nm in Figure 4.23a-c. The corresponding values increase and
decrease with a decrease in the reduction temperature from 400 to 300 °C. Thus, lower
pretreatment temperature leads to a higher contribution of direct methanation to the overall
methane formation and lower rate of CO hydrogenation to CH4 as could be concluded from the
slopes of the obtained relationships. Itshould be noted thatthese effects become less significant

with increasingcrystallite size and almostdisappearsfor the Fe _c 26nm catalyst (Figure 4.231).
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Figure 4.23. (a)-(d) Selectivity-conversion and conversion-contact time relationships obtained
for one selected single-phase hematite containing catalyst prereduced at different
temperatures. (e)-(i) Selectivity-conversion relationships obtained for single-
phase catalysts (Series 1) prereduced at different temperatures. Reduction
conditions: temperature: 300 or 400 °C, H,:N, = 1:1. Reaction conditions: total
pressure: 15 bar, reaction feed: CO,:Hy:N, = 1:3:0.3, GHSV: 585-35100
mL/g./h, temperature: 300 °C.

4.2.4 CO»-FTS performance of mixed-phase a-/y-Fe;0; catalysts
Long-term stability experiments with mixed-phase a-/y-Fe,O3 catalysts from Series 2 were

carried out at 300 °C over about 110 h on-stream at 15 bar and different contact time after
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precedingcatalystreduction(H,:N,=1:1)at400 °Cat 15 bar for2 h (Figure 4.24). The decrease
in CO, conversion with time on-stream was observed overFe ¢ am,Fe ¢ 53%andFe c 64%.
Contrarily, they showed stable performance in terms of product selectivity. On the other hand,
a decrease in the selectivity to C,.-hydrocarbons was identified for Fe_h 23% and Fe_h 82%
catalysts with time on-stream accompanied with a growth in the selectivity to CO (Figure 4.24).
They reached a steady-state operation after 70 h on-stream. The selectivity to CHy, on the other
hand, remained stable and is meaningfully lower (0.05) than that determined for Fe ¢ am,
Fe ¢ 53% and Fe c 64% (0.25) catalysts. In addition, Fe_h 23% and Fe_h_82% materials
showed much higher O(C,-C4)/P(C,-Cy) ratio (6.3) in comparison with three catalysts derived

from commercial ferrous oxalate dihydrate (0.15).
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Figure 4.24. On-stream profiles of (a) CO, conversion, (b) product selectivity, and (c) the
olefin/paraffin ratio within C,-C4 hydrocarbons in CO, hydrogenation over
mixed-phase o-/y-Fe,O3; catalysts from Series 2. Reduction conditions:
temperature: 400 °C, H,:N, = 1:1. Reaction conditions: total pressure: 15 bar,
reaction feed: CO,:H,:N,=1:3:0.3, GHSV: 7020 mL/g./h, temperature: 300 °C,
catalyst amount: 50 mg.

The obtained selectivity-conversion relationships for CO, CH4 and C,-hydrocarbons are given
in Figure 4.25. Generally, the scheme of CO, conversion into these products is similar to that
determined forthe single phase catalysts from Series 1. Shortly, CO is the main primary product
taking part in further hydrogenation processes. There are two pathways of methane formation:
(1) through hydrogenation of CO and (ii) through direct CO, methanation. Interestingly, the
methane selectivity obtained over Fe_h 23%and Fe_h_82% catalysts is around 0.05 even at
the degree of CO, conversion of 0.22 andpractically doesnotdepend on the conversion degree.
Their catalytic performance in this regard is similar to that of the Fe_h 3 1nm catalyst from
Series 1, which was also prepared from the in-house synthesized iron (II) oxalate dihydrate.
Three other catalysts derived from commercial iron (IT) oxalate dihydrate showed a constant

apprising tendency for the selectivity to methane with rising conversion of CO,. Therefore, the
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CO, direct hydrogenation pathway over catalysts prepared from home-synthesized precursor is

significantly hindered in comparison with other materials from this series (Figure 4.25¢).
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Figure 4.25. Selectivity-conversion relationships obtained for mixed-phase ao-/y-Fe,O;
catalysts from Series 2. Catalystreduction conditions: temperature: 400 °C, H,:N,
= 1:1. Reaction conditions: total pressure: 15 bar, reaction feed: CO,:H,:N, =

1:3:0.3, GHSV: 585-70200 mL/g./h, temperature: 300 °C.

Notably, both the slope of selectivity-conversion dependency for CH4 and the values of methane

selectivity at zero CO, conversion differ for catalysts prepared from commercial precursor. A

correlation might be established between the primary CHy4 selectivity and the reducibility of

fresh catalysts. The higher the reducibility of fresh samples, the lower the impact of direct CO,

methanation route into overall CH4 formation (Figure 4.26a).
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This conclusion is in accordance with previous results for the catalysts from Series 1, for which
a similar dependence was obtained. Therefore, not the crystallite size itself, but the reducibility
of catalysts is an important parameter, which can help to manage the direct CO, methanation
route. CO hydrogenation to CHy is as well affected by the reducibility of fresh catalysts, but the
tendency is opposite to the one established for the direct methanation route. The higher the
reducibility, the higher the impact of CO hydrogenation to CH, into overall methane formation
(Figure 4.26b). Although, this effect is less pronounced than direct CO, hydrogenation to CHa.
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Figure 4.27. CH4 distribution among all hydrocarbons (without accounting CO) versus CO,
conversion obtained over the present Fe,O; catalysts (red dots) and previously
reported non-supported unpromoted (black dots) or promoted non-supported (blue
dots) Fe-based materials with top 10% performance. The corresponding
references and additional previously tested catalysts with higher CH4 selectivity
are shown in Figure A.6.

To benchmark the developed catalysts in terms of the undesired CH4 formation against the best
performing state-of-the-art Fe-based catalysts, Figure 4.27 was prepared. It shows the
selectivity to methane without accounting CO, i.e. the methane distribution among all
hydrocarbons, as CO potentially could be separated from the outlet gases and reused in the
large-scale production process. The data for the methane distribution over unpromoted and
promoted catalysts were selected from the database from Q. Yang et al. [73]. The Fe h *
materials show the selectivity to methane as low as the top 10% best-performing promoted Fe-
based catalysts and remarkably outperformed all previously developed unpromoted catalysts.
It should be also mentioned that despite the fact that the Fe ¢ * materials produce more

methane than the Fe_h_* materials, they still revealed lower selectivity comparatively to the
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unpromoted reported catalysts. Therefore, the present results clearly demonstrate the potential
of the approach for the preparation of unpromoted Fe,O3; materials with hindered selectivity to

methane.

4.2.5 Reaction-induced changes in catalyst composition and its consequence on the

catalytic performance

The composition of catalysts reduced at 400 °C in the same manner as before CO,-FTS
experiment was analyzed by means of XRD. The samples contain a mixture of Fe;O4 and Fe
with the weight amount of the latter phase being between 22.4 and 55.2 wt% (Table 4.7). The
content of metallic Fe in the reduced materials correlates well with the reducibility of fresh
catalysts. Spent catalysts (after 110 h on-streamin CO,-FTS at 300 °C) consist of a mixture of
Fe;04 and FesC, according to Mossbauer spectroscopic data (Table 4.8). As iron carbides are
formed through the reaction of metallic Fe with CO produced during the CO,-FTS, it could be
assumed that the fraction of metallic Fe in the reduced samples should correlate with the fraction

of FesC, in their spent counterparts. However, no such dependence could be established.

Table 4.7. Catalyst composition after reductive catalyst pretreatment according to XRD.
Reduction conditions: temperature: 400 °C, H,:N, = 1:1, time: 2 h, GHSV 2340
mL/g./h, catalystamount: 200 mg.

Catalyst Fe;04 /Wt % Fe/wt %
Series 1
Fe ¢ 10nm 54.9 45.1
Fe ¢ 14nm 56.6 43.4
Fe ¢ 19nm 56.8 43.2
Fe ¢ 26nm 59.5 40.1
Fe h 31nm 77.6 22.4
Series 2
Fe h 23% 44.8 55.2
Fe ¢ 53% 55.3 44.7
Fe ¢ 64% 57.0 43.0
Fe ¢ am 61.3 38.7
Fe h 82% 71.4 28.6
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It could be seen in Table 4.8 that like in the case of magnetite-containing samples iron carbides
are non-homogeneously distributed along the catalyst bed. Its content was quantitatively
identified through analyzing Mdssbauer spectra of different catalyst amounts (m;=10, 20, 50,
100 or 300 mg) loaded into individual reactors for CO,-FTS experiments (Figure A.7, Figure
A.8). The spatial distribution of the phase composition along the catalyst bed was determined
by subtracting the composition obtained in the previous m; from the following m;j; catalyst
amount, where m;, m,, m3, my, and ms represent 10, 20, 50, 100 and 300 mg, respectively. The
phase composition in the first segment of the catalyst bed is equal to the composition in m;

(Figure 4.28).

Segments in catalyst bed
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10
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Figure 4.28. A schematic representation how the segments in the catalyst bed are defined.

Figure 4.29 represents the composition of different Fe-containing phases along the overall
catalystbed in adimensional formrangingbetween 0 and 1, where 1 reflects the highest sample
amount of 300 mg. All other sample amounts were normalized with respect to this amount. For
all materials, it could be seen that FesC, is created directly in the first up-stream located segment
and its fraction decreases along the catalyst bed upon progressing CO, conversion. Contrarily,
Fe;04 is the dominant phase in the down-stream located layers. However, the quantitative
spatial distribution of the FesC, and Fe;04 phases depends on the kind of catalyst. The catalysts
derived from in-house synthesized iron (II) oxalate dihydrate possess exclusively FesC, in the
first 1/6 layer. The pure carbide layer of the catalysts synthesized from commercial iron (II)
oxalate dihydrate is only 1/20. Moreover, a decrease in the fraction of FesC, alongthe remaining
19/20 downstream located segments in these materials is significantly stronger than in catalysts
derived from in-house synthesized precursor. The ununiformed distribution of Fe;O4 and FesC,
should be determined by the rates of Fe carburization with CO and oxidation of Fe/FesC, by

H,0 as well as by the rates of generation of these reaction products and CO consumption.
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Table 4.8. Composition (wt %) of spent catalysts (after 110 h on-stream) in different
segments based on the results of quantitative analysis of Mdssbauer spectra.

Catalyst Phase 0-10 mg 10-20 mg 20-50 mg 50-100mg  100-300 mg
Fe ¢ 10 FesCa/ % 100.0 86.8 64.6 29.2 0.6
Fe;04/ % 0.0 13.2 35.4 70.8 99.4
Fe h 31 FesCa/ % 100.0 100.0 100.0 72.8 2.6
Fe;04/ % 0.0 0.0 0.0 27.2 97.4
Fe h 23  FesCa/% 100.0 100.0 100.0 76.2 4.4
Fe;04/ % 0.0 0.0 0.0 23.8 95.6
Fe c 64  FesCa/% 100.0 80.8 33.4 18.3 4.2
Fes04/ % 0.0 19.2 66.6 81.7 95.8
Fe ¢ am FesCa/ % 100.0 84.0 51.1 31.8 4.2
Fes04/ % 0.0 16.0 48.9 68.2 95.8
Fe h 82  FesCa/% 100.0 100.0 100.0 70.4 0.6
Fes04/ % 0.0 0.0 0.0 29.6 99.4

To understand which consequences the spatial distribution of FesC, and Fe;O4 species have on
product formation, segmental rates of CH4 and C,.-hydrocarbons production as well as their
ratio were calculated according to equation 4.8 in the catalyst segments defined in Figure 4.28.
A decrease in the formation rate of C,-hydrocarbons was established for all catalysts along the
catalyst bed due to a switch from differential to integral reactor operation (Figure 4.29). The
catalysts prepared from commercial iron (II) oxalate dihydrate (Fe c_*) exhibit a higher rate in
the first 1/6 catalyst segment in comparison with the materials derived from in-house
synthesized iron (II) oxalate dihydrate (Fe_h *).Therefore,iron carbide inthe Fe ¢ * catalysts
possesses higher intrinsic activity than iron carbide in the Fe_h * catalysts for the formation of
Cy+-hydrocarbons. However, an opposite order of catalyst activity was established in down-
stream located segments because the content of FesC, in 5/6 down-stream layers of the Fe ¢ *

catalysts is very low.

?_ﬁa—1

. n?—nf
n) == (4.8)
where n and m represent the molar outlet flows of CH4 or C,-hydrocarbons and catalyst
amount, respectively. The superscripts a-1 or a reflect different segments of the catalyst bed.

The subscript j stands for a certain segment, i.e. 1, 2, 3, or 5 as depictured in Figure 4.28.
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Figure 4.29. Spatial profiles of segmental formation rates of C,.-hydrocarbons, CH4 and C,.-
hydrocarbons/CH4 ratio and spatial composition distribution along the catalyst
bed. Presented values are obtained over 10, 20, 50, 100 and 300 mg catalyst mass
loads by substitution previous mass load values from the current. Therefore,
shown data represents formation rates of the specific reaction products on the
catalyst bed intervals normalized to 300 mg mass load.

The Fe c_* materials revealed higher activity towards CH4 production in comparison with the
Fe h_* materials (Figure 4.29). The latter catalysts produce this undesired reaction product in
the first 1/30 up-stream located segment, while the remaining 29/30 down-stream catalyst
segment is practically not involved in the formation of methane. On the contrary, significantly
larger (about 1/6) firstlayer of the catalystbed of the Fe ¢ * materials take partin the formation

of methane.

The difference betweenthe Fe ¢ * and Fe_h * materials become even more prominent when
considering the ratio of the C,-hydrocarbons formation rate to the CH4 formation rate. This
ratio in the first layer of the Fe ¢ * materials is equal to about 2 and continuously decreases to
about 1 in the down-stream located segments. The corresponding values for the Fe h *
materials are about 5. Moreover, unlike Fe ¢ _* catalysts, theratio for the Fe_h * materials has

a maximum of 10-13 in the second analyzed up-stream segment (between the first 1/30 and
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1/15 up-stream located segment). Considering that CO could potentially be easily separated
from Cy.-hydrocarbons and reused (in comparison with CHy), the distinguished behavior of
Fe h * catalysts in terms of the ratio of the C,;-hydrocarbons formation rate to the CHy
formation rate is of high importance. The r(C,;)/r{ CHy) ratio over catalysts prepared from in-
house synthesized iron (II) oxalate is 2 to 7 times higher than that determined for the catalysts

derived from commercial precursor.
4.2.6 Kinetic analysis of CO, H; and CO; interaction with spent catalysts

To derive mechanistic and kinetic insights into the interaction of feed components (CO, and
H;) as well as CO intermediate with spent catalysts (100 mg fraction) and to understand the
distinctive catalytic behavior of prepared materials, pulse experiments were conducted in a
temporal analysis of products reactor system. The interaction of CO, reactant with spent
catalysts was investigated through CO,/Ar = 1:1 pulse experiments at 300 °C. No CO was

detected in these experiments.

Table 4.9. Micro-kinetic models applied for kinetic modeling of CO, adsorption and

activation.
Model Elementary step Rate constants
1 Diffusion Detr
2 CO2+ * —» x—CO2 keffa
* —C02 - CO2+ = Kdes
3 CO2+2+ - *—CO+ *-0 kgif a
*—CO+ *—0 - CO2+2* keft
4 CO2+ * - x—CO2 keff a
* —C02 —» *+ COp Kges
*—C02+ * —» *—CO0+ x-0 kgif a
*—CO + *—0 - *—CO2 + = Kass

a. Because of the correlation between the overall concentration of active sites and the rate
constants of CO; adsorption or dissociation, only their product could be determined. They are

denoted as kIS orkl/.

diss’
The kind (reversible or irreversible) of CO, adsorption was determined through analyzing
dimensionless responses of CO;, and Ar according to the theory of the TAP reactor [115]. The
Ar response is called the standard diffusion curve. These responses were acquired through the

transformation of the corresponding experimental transients using equations 3.1-3.2.
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Regardless of the analyzed sample, the dimensionless CO, response crosses the dimensionless
Ar response, and its peak maximum is below that of Ar (Figure A.9). This is a fingerprint of
reversible adsorption of CO,. On this basis, various microkinetic models (Table 4.9) were
applied to describe the experimental data to identify the model, which fits the best non-
transformed CO, responses. The best description of the experimental CO, responses of
Fe ¢ 64%,Fe ¢ am,Fe ¢ l4nmand Fe ¢ 19nm was achieved with model 4 (Figure 4.30).
This model considers a reversible molecular adsorption of CO,. The adsorbed CO, species can
dissociate with participation of an additional free activesite to yield adsorbed CO and O species.
The dissociation is reversible, i.e., the two latter species could combine back to the molecularly
adsorbed CO,. The sensitivity analysis revealed that the association rate constant could be
excluded withoutwortheningthe fit. Thus, only the rate constants of CO, adsorption, desorption
of adsorbed CO,; and dissociation of adsorbed CO, could be unambiguously obtained as the
fitting parameters. As the rate constants of CO, adsorption or dissociation of adsorbed CO,
correlate with the total number of active sites, the corresponding effective rate constants (a
product of the rate constant and the total number of active sites, i.e. k& (CO,) and k&iL(CO,))

are reported together with the rate constant of desorption of adsorbed CO; in Table 4.10.
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Figure 4.30. Comparison of simulated responses obtained with Model 4 in Table 4.9 with the
experimental CO; responses over selected spent catalysts.
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As could be seen in Table 4.10, the spent catalysts do not meaningfully differ in the adsorption
constant (kgffs(coz)) values while significant differences were determined for the desorption
constants (Kqes(CO,)). Consequently, the spent materials possess different values of the
equilibrium constantof CO; adsorption denoted as the kggS(COz)/kdes(COz) ratio (Table 4.10).
The ratio increases in the following order: Fe ¢ 19nm>Fe ¢ am>Fe c l4nm>Fe c 64%.
Accordingly, the same activity order was established for the efficient constant of dissociation
of adsorbed CO,. The higher the dissociation constant value, the higher the surface coverage
by CO and O species is.

Table 4.10. Kinetic parameters of CO;and CO activation and the amount of HD formed via
H,—-D, exchange over selected spent catalysts.

CO: CcO Hz/Da

Catalyst k& (CO2) Kges(CO2) keI (CO2)/kges(CO2)  k§T(CO2)  kEH(CO) n(HD)

ads ads

/s’ /s /- /s = /-
Fe h 23% - - - - 2.20-102  0.0080
Fe ¢ 64%  2.37*103 1.28*10! 1.86*10? 2.92*10-1  5.40-10' 0.0104
Fe ¢ am 4.53*%103  5.87*107! 7.72%103 4.89 8.75-102 0.0122
Fe h 82% - N X - 6.78-102  0.0068
Fe ¢ 10nm -2 -2 -2 -a 0.00° 0.0220
Fe ¢ 14nm  6.20*103 1.26 4.94*%103 2.80 0.00° 0.0375
Fe ¢ 19nm  4.13*10°%  3.00*10! 1.38*%104 2.84*10! 0.00° 0.0194
Fe h 31nm X x X x 1.80-102  0.0016

a. Kinetic analysis is impossible due to very strong CO, adsorption or/and more complicated

model requirement.

b. CO response is described by diffusion.

Because of the very strong CO; adsorption and consequently the low signal to noise ratio, the
above-described kinetic analysis failed to provide reliable data for the Fe h 23% and
Fe h 82% materials. Nevertheless, it could be safely concluded that the kggfs (CO2)/Kkges(COy)
ratio of these catalysts should be higher than the one of other materials based on the crossing
point of the dimensionless responses of CO, and Ar, which is shifted to longer times for the

Fe h 23% and Fe_h 82% materials. Model 4 was also deficient to describe the experimental
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CO; responses of the Fe ¢ 10nmand Fe_h 3 1nm materials. The description failure could be
explained by the quality of the experimental signal due to a strong CO, adsorption. Another
possible reason could be that the mechanism/elemental steps of CO; interaction with sample

surface changes/complicates in comparison with Model 4.

To investigate the interaction of CO with spent catalysts, CO/Ar = 1:1 pulse experiments were
performed and evaluated as above-described for the CO, pulse experiments. No noticeable
difference between the dimensionless CO and Ar responses was obtained for the Fe_c¢_10nm,
Fe ¢ 14nmand Fe ¢ 19nm materials. This means that CO interacts with the surface of these
catalysts very weakly. The dimensionless CO response of other materials does not cross the
dimensionless Ar response and its peak maximum is below that of Ar (Figure A.10). This is a
distinguish marker of irreversible CO adsorption [115]. Nevertheless, different microkinetic
models (Table 4.11) considering reversible interactions were applied to describe the

experimental CO responses to double-check this theoretical statement.

Table 4.11. Micro-kinetic models applied for kinetic modeling of CO adsorption and

activation.
Model Elementary step Rate constants
1 Diffusion Dege
2 CO+ * - *—CO keffa
*—CO - CO+ = Kges
3 CO+2*x - x—C+ *-0 kgif a
*—C+ *—0 - CO+2+% kel
4 CO+ * - x—CO keff a
*—CO—- *+CO Kges
*—CO0+ * - x—C+ *x-0 kit a
*x—C 4+ x—0 - *—CO+ = Kass

a. Due to the correlation between total concentration of active sites and the rate constants of
eff

adsorption or dissociation, only their product could be calculated anddenoted as kzg ork g
The best description of the experimental data with the lowest deviation between the
experimental and modelledresponses was obtained by usingmodel 2 (Figure 4.31). This model
considers a reversible molecular adsorption of CO on a free active site. The obtained rate

constants of CO adsorption and desorption of adsorbed CO are presented in Table 4.10. The
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results of sensitivity analysis revealed that the desorption rate constant could be excluded
without worthening the fit, which again proves that CO adsorbs irreversibly. The values of CO
effective adsorption rate constant increase in the following order: Fe ¢ am > Fe h 82% >

Fe h 23%=Fe h 3lnm>Fe ¢ 64%>>Fe ¢ 10nm~=Fe ¢ 14nm~Fe c 19nm.
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Figure 4.31. Comparison of simulated responses obtained with Model 2 in Table 4.11 with the
experimental CO responses over selected spent catalysts.

Hydrogen isotopic exchange experiments were conducted to investigate the ability of spent
materials to activate gas-phase hydrogen. Unfortunately, no HD was detected at the reaction
temperature of the catalytic experiments, i.e., at 300 °C due to much shorter contact time in the
TAP tests in comparison with the CO,-FTS tests. Therefore, additional exchange experiments
were performed at 400 °C, at which some amounts of HD were detected. The transient
responses of D, HD and H, obtained at this temperature are given in Figure A.11. As the HD
response is detected after those of H, and D, it could be safely concluded that H-H and D-D
bonds were dissociated upon activation of these feed components on the surface of samples and
a new H-D bond was formed. The amount of HD formed in these experiments is a measure of
catalyst activity for dissociation and formation of these bonds. The corresponding values for all
the materials are given in Table 4.10. The highest ability to activate hydrogen was determined

forFe ¢ 10nm, Fe ¢ 14nmand Fe_c_19nm catalysts. In comparison to these materials, the
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amount of HD detected over Fe_h 23%,Fe c 64%, Fe ¢ amandFe h 82% catalysts is more
than twice lower. These materials do not differ much from each other in this regard. The
Fe h 31nm catalyst possesses the weakest ability for H, activation. Therefore, regarding H,
activation ability, the materials could be ordered as follows: Fe ¢ 14nm>> Fe ¢ 10nm =

Fe ¢ 19nm>>Fe ¢ am=Fe ¢ 64%>Fe h 23%~Fe h 82% >>Fe h 31nm.
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Figure 4.32. The HD amount normalized to the initial D, amount in H,—D, exchange
experiments at 400 °C over selected spent catalysts (100 mg fraction).

4.2.7 Iron carbide defect structure and its influence on adsorption ability and catalytic

performance

According to the analysis of spatial distribution of steady-state catalyst composition, there is no
Fe;04 phase in the first up-stream located layer (up to first 1/6) of any spent catalyst. FesC,; is
exclusively present in the first segment (Figure 4.29). As all reaction products CO, CH4 and
Cy+-hydrocarbons are produced in this segment, it could be suggested that the iron carbide is an
active phase for both the RWGS reaction and COy hydrogenation to CH4 as well as C-C
coupling reactions yielding higher hydrocarbons. In agreement with this statement, Zhu et al.
[130] recently reported that a model FesC, catalyst was able to generate all the mentioned
products without the presence of Fe;O4 phase. However, it cannot be completely excluded that
a thin layer (low content undetectable by Mossbauer) of Fe;04 could be formed on the surface
of FesC,. Magnetite is generally accepted to be responsible for the conversion of CO, to CO.
The present study additionally showed that FesC, materials formed from differently synthesized
Fe,0; strongly differin theirreactivity to form C,.-hydrocarbonsand CH,4, which is determined

from the analysis of the reaction rates in the first catalysts segment (Figure 4.29). The iron
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carbide in Fe ¢ * materials revealed approximately 2 times higher formation rates of CH, and
Cy:-hydrocarbons than the one in Fe_h_* catalysts. The difference in iron carbides properties

is also displayed in the ratio of C,:-hydrocarbons/CH4 formation rates.

Table 4.12. Experimental values of relative content of Fe state (ratio in brackets) in FesC, and
hyperfine field obtained experimentally at 298 K. Estimated values of hyperfine
field at 0 K (Table A.2) as well as calculated C/Fe ratio based on the relationship
between the average By (0 K) and C/Fe ratio reported by [131]. Mdssbauer data
of 100 mg fraction of spent catalysts (110 h on-stream) was used for calculation.

Catalyst Festate  Content/ % Bur (298 K)exp / T Bur (0 K)est / T C/Fe ratio

I 40.1(2.0) 21.64 26.27

Fe_c_10nm 11 37.4(1.9) 18.40 22.82 0.344
I 22.5(1.1) 10.84 13.85
I 38.4(2.0) 21.57 26.19

Fe_h_3Inm 11 37.8 (2.0) 18.30 22.69 0.353
I 23.8(1.2) 10.70 13.67
I 36.8 (2.0) 21.68 26.32

Fe_h_23% I 39.8 (2.2) 18.42 22.84 0.349
I 23.3(1.3) 10.84 13.85
I 453 (2.0) 21.25 25.80

Fe_c_64% 0| 36.7(1.6) 18.52 22.96 0.331
I 18.0 (0.8) 10.83 13.84
I 39.2(2.0) 21.48 26.08

Fe_c_am I 38.3 (2.0) 18.38 22.79 0.349
I 22.5(1.1) 10.74 13.73
I 37.6 (2.0) 21.53 26.14

Fe_h_82% 1 39.0(2.1) 18.32 2.72 0.353
I 23.4(1.2) 10.75 13.74

To elucidate possible fundamental reasons behind the distinctive reactivity of FesC,, iron
carbide structural properties were further investigated using the obtained Mossbauer spectra of
spent materials. FesC, belongs to a monoclinic crystal system (C2/c space group) and has 28
atoms in the unit cell (Figure 4.33a). Fe atoms are located in three different positions, which
could be identified by Méssbauer spectroscopy (Figure A.8). These states are related as 2:2:1
in the perfect FesC; structure [132]. However, the distribution of these states in spent catalysts
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in this study deviates from the theoretical one due to the imperfection of their crystal structures

(Table 4.12).

As suggested by Liu etal. [131], the C/Fe ratio in iron carbides present in spent materials was
calculated using the average hyperfine field value (average Byy). This field is expressed as the
sum of the hyperfine fields (Byy) of different Fe states multiplied by their occupational weight.
The values of individual hyperfine fields were determined from the Mdssbauer spectra of the
measured samples. The average hyperfine field in FesC, as a function of C/Fe ratio is defined
in equation 4.9. However, it should be noted that Mossbauer experimental data was collected
at 298 K, while the above-mentioned theoretical relationship was determined for the hyperfine
field values obtained at 0 K. Taking this into account, the hyperfine field values of different Fe
states were calculated based on the ratio between the hyperfine field values in the perfect Fe sC,

structure obtained experimentally in [131] at 0 and 298 K (Table A.2).

average Byps = —33.1 * (C/Fe) + 33.58 (4.9)
b) 10
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Figure 4.33. (a) The crystal structure of FesC, (b) the relationship between the initial CH4
formation rate and C/Fe ratio in iron carbides calculated from Mdssbauer data of
spent catalysts (100 mg fraction).

The calculated ratio of C/Fe for all investigated materials is lower than the theoretical one in
the perfect FesC, structure (Figure 4.33b). Therefore, iron carbides in spent catalysts deviates
from the stoichiometric composition. In other words, the FesC, structure should have carbon
vacancies. However, the amount of these defects in the iron carbides in the spent Fe h *
materials should be lower than in their Fe ¢ * counterparts as deduced from the C/Fe ratio.

Regardless of the defectiveness, this ratio is representative for electronic properties of Fe atoms
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in the FesC, structure. The higher the ratio, the more electronic density should be transferred
from Fe to C atoms. Under this consideration, Fe atoms in the iron carbide in the Fe_h * spent
materials should be in more oxidized state in comparison with their Fe _c¢_* counterparts. As
the only difference betweenthe home-synthesizedand commercial iron oxalate dihydrates used
for the preparation of Fe,O; catalysts is the size of particles and of their agglomerates, the
morphology seems to be a decisive descriptor affecting the ability of Fe,Os3 to in situ form iron

carbides with specific defective and electronic properties.

Based on the above discussion and the results of catalytic experiments in Figure 4.29, it could
be concluded that both the defectiveness and the electronic properties of iron carbides might be
responsible for the difference in the reactivity of FesC, in the Fe ¢ * and Fe_h * materials.
Iron carbides with defect-lesser structureand Fe atoms beingin the more oxidized state revealed
lower reactivity for COx hydrogenation and C-C coupling reactions. These carbides possess
stronger ability to adsorb CO,and CO and lower ability to adsorb and activate H, in comparison
with iron carbides with defect-richer structure and Fe atoms being in the less oxidized state
(Table 4.11). Therefore, the surface coverage of such carbides is richer in carbon-containing
species and poorer in hydrogen-containing species. This situation is beneficial for suppressing

CH,4 formation in favor of long-chained unsaturated hydrocarbons.
4.2.8 Summary

The controlled decomposition of iron (II) oxalate dihydrate in air was shown to be a suitable
approach for generation of hematite-containing catalysts. Tailored catalyst preparation allowed
to investigate effects of crystallite size and initial composition (a-/y-Fe,O3) on catalytic
performance and reaction-induced changes into FesC, under reaction conditions. The variation
of the size of a-Fe,O; crystallites in single-phase catalysts and of the ratio of a-Fe,O3/y-Fe,0;
phases in mixed-phase materials provided the possibility to vary the reducibility of iron (III)

oxide catalysts.

Reaction pathways leading from CO, to CO, CH4 and C,.-hydrocarbons over the above-
mentioned catalysts were determined and do not differ from those established for magnetite-
containing catalysts with one exception. Hydrogenolysis of C,.-hydrocarbons to CH4 do not
play any significantrole in CO,-FTS over hematite-containing catalysts. The reducibility of
these catalysts was shown to be an importantdescriptor for controlling methane selectivity. The
higher the reducibility, the lower the impact of direct CO, methanation and the higher the
impact of CO hydrogenation to CHy4 into overall methane formation is. Although, the latter
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effectisless pronounced than the formerone, thus, leadingto the lower overall CH4 production.
The morphology of iron (II) oxalate dihydrate has the largest influence on the production of
methane because it affects the defective structure of FesC,, which was expressed as the ratio of
C/Fe. Alliron carbides are generated directly in the up-stream part of the catalyst bed and their
content decreases in the down-stream layers upon progressing CO, conversion. The spatial
distribution is dependent on partial pressures of CO and H,O participating in Fe carburization
to FesC, and oxidation of Fe/FesC,, respectively. The reactivity of FesC, to consume CO
determines the strength of the increase in the ratio of H,O/CO along the catalysts bed and the
spatial distribution of FesC, and Fe;04. Defective-lesser carbides possess lower reactivity
towards CO, hydrogenation and, therefore, are presentin higheramountin downstream-located
catalyst layers in comparison with defective-richer iron carbides. Different reactivity of iron
carbides is the consequence of their different adsorption properties. The lower the deviation of
FesC, from the stochiometric composition, the higher the ability of the iron carbide to adsorb
CO and CO; and the lower the ability to activate H; is. Stronger COy and weaker H; adsorption
led to a lower overall CO, consumption reaction rate but suppressed formation of CHa.
Defective-lesser iron carbides show higher olefin/paraffin (among C,-C4 hydrocarbons) and

C,+/CH4 formation rate ratios.
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4.3 Magnetite-containing catalysts promoted with alkali metals

Magnetite-containing catalysts with the variation of the kind of alkali metal promoter (Li, Na,
K, Rb or Cs) with a fixed M/Fe atomic ratio (0.005) or with different Rb/Fe atomic ratios (0.001,
0,005, 0.01 or 0.05) were prepared through the decomposition of iron (II) oxalate dihydrate
doped with the corresponding alkali metal carbonate. The idea behind was to understand the
effects of the amount and the nature of alkali metal promoter on CO; conversion and product
selectivity as well as the pathways of product formation in the course of CO; hydrogenation to

higher hydrocarbons.
4.3.1 General characterization of fresh catalysts

The content of alkali metal dopant in the prepared materials was controlled by means of ICP or
AAS analysis. The determined amount is in accordance with the desired M/Fe ratio (Table
4.13). Slightly lower content of Cs could be explained by lower accuracy of AAS method in

comparison with ICP analysis.

Table 4.13. The content of alkali metals determined by ICP or AAS (for Cs) analysis.

w(Fe) /% wM)/%  w(Fe)*/mol  v(M)2/mol  v(M)/v(Fe)/-

0.005Li/Fe 78.85 0.05 1.4118 0.0065 0.0046
0.005Na/Fe 79.35 0.19 1.4208 0.0080 0.0057
0.005K/Fe 78.67 0.27 1.4086 0.0070 0.0050
0.005Rb/Fe 79.86 0.54 1.4299 0.0063 0.0044
0.005Cs/Fe 78.19 0.68 1.4000 0.0051 0.0037
0.001Rb/Fe 71.01 0.11 1.3252 0.0013 0.0010
0.01Rb/Fe 72.83 1.21 1.3040 0.0142 0.0109
0.05Rb/Fe 66.05 5.00 1.1826 0.0585 0.0495

a. Calculated based on 100 g of the substance.

The phase composition of all fresh promoted and unpromoted magnetite-containing catalysts
was determined by means of XRD analysis The corresponding XRD patterns are shown in
Figure 4.34. Fe;04, Fe, Fe;C and FesC, phases were identified in all catalysts. Their content
according to the Rietveld analysis does not depend on the kind or the amount of alkali metal
promoter. Some minor deviations could be explained by the measurement error. The crystallite

size of the dominant (80.7%) Fe;O4phase is 20 nm, while the crystallite size of the metallic Fe
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present with the fraction of 1.5% is a little bit larger - 26 nm. Iron carbides Fe;C and FesC, with
the corresponding crystallite sizes are 20 and 18 nm are present with the weight amounts of 9.4

and 8.3%, respectively.
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Figure 4.34. XRD patterns of fresh magnetite-containing promoted with an alkali metal
catalysts.

The presence of iron carbides in the catalysts derived through decomposition of iron oxalate
dihydrate precursorunder O,-free conditions was thoroughly discussed in section 4.1.1. Briefly,
iron oxalate decomposes to solid-phase FeO and gas-phase CO and CO,. Wiistite phase is
unstable below 570 °C and disproportionates to metallic Fe and Fe;O4. Iron carbides are formed
through a reaction of metallic Fe with CO [114]. Although, the promoted catalysts were
prepared under the same conditions as in the synthesis of Fe_h 330, a deviation in the fraction
of iron carbide phases between these two groups of catalysts was established. The reason can
be the usage of commercial iron oxalate dihydrate instead of the in-house synthesized one used
to prepare Fe_h_330. Thus, differently prepared iron oxalates have different reactivity in the

decomposition reaction.

The BET specific surface area (Sger) of about 23 m?/g was determined for all fresh catalysts.
This result together with the above-discussed XRD results suggests that the addition of alkali

metal dopant does not influence the decomposition of iron oxalate dihydrate.

The effect of the dopant on the reducibility of fresh catalysts was investigated by conducting
H,-TPR measurements. The obtained H,-TPR profiles are presented in Figure 4.35. All the
catalysts consume hydrogen continuously above 420 °C without any pronounced maximum,
which is in accordance with previously described reduction of magnetite-containing catalysts

and supported by a previous study dealing with Fe;O4-nanocatalysts [76]. The reduction
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proceeds through a two-step mechanism Fe;O4—FeO—Fe, with the firststep occurringatlower
temperatures [123]. However, these individual steps are not well distinguished in the present

H,-TPR profiles, which could be affected by the concentration of feed H, or/and heating rate.
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Figure 4.35. Profiles of H, flow upon H,-TPR (5 vol% H; in Ar) of fresh catalysts.

In addition to the main reduction processes occurring above 420 °C, another well-resolved H
consumption peak characterized by the temperature of maximal reaction rate in the range of
280-330 °C could be observed. It could be related to the complete hydrogenation of iron
carbides resulting in metallic Fe and gas-phase CH, [124]. The formation of methane was
experimentally detected as a signal at AMU of 16 also reaching maximum at the same
temperature, where H; is consumed without water formation (Figure A.12). The absence of
water is proved by the fact that signal at AMU of 18 related to water was not observed at the
respective temperature. The temperature of the maximal rate of H, consumption due to iron
carbides reduction is not influenced by any kind of alkali metal promoter, except for Na.
Generally, this temperature is located between 315 and 327 °C, but for sodium-promoted
material it lays at 301 °C. No effect of promoter on the reducibility of fresh catalysts could be
the consequence of its relatively low concentration. When the concentration increases, the
reduction of iron carbides proceeds at lower temperature as established for the Rb-containing

materials (Figure 4.35b), for which Rb loading was varied.
4.3.2 The effect of the kind of the promoter on the catalytic performance

A long-term stability CO,-FTS experiment (about 65 h on stream) with the alkali-metal-
promoted materials was carried out at 300 °C and 15 bar without any preceding reductive

catalyst treatment. All catalysts performed stable after reaching a steady-state operation after
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the first 30 h on stream (Figure 4.36). With exception for 0.005Li/Fe, an increase in the

olefin/paraffin ratio within C,-C4 hydrocarbons with time-on-stream could be observed for

other catalysts.
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Figure 4.36. On-stream profiles of (a) CO, conversion, (b) product selectivity and (c)
olefin/paraffin ratio within C,-C4 hydrocarbons in CO,-FTS over magnetite-
containing catalysts promoted with different kind of alkali promoter. Reaction
conditions: total pressure: 15 bar, reaction feed: CO,:H,:N, = 1:3:0.3, GHSV:
7020 mL/g./h, temperature: 300 °C, catalyst amount: 50 mg.

Catalytic performance strongly depends on the kind of the alkali metal promoter. It is best
illustrated by the selectivity-conversion plots for CO, CH4 and C,.-hydrocarbons as well as by
the O(C,-C4)/P(C,-Cy)-conversion plot (Figure 4.37). Different degrees of CO, conversion
were achieved by changing the contact time through varying the catalyst amount (600, 300,
100, 50, 20, 10, 5 mg) while using a constant feed flow. The selectivity to CO decreases with
an increase in CO, conversion, although there is a slight increase for some catalysts when the
conversion exceeds 0.3 (Figure 4.37a). Such increase was previously observed in CO,-FTS
over hematite-containing catalysts (section 4.2.3) and is explained by a ununiform spatial
distribution of catalytically active phases. A linear extrapolation of the CO selectivity to zero
CO; conversion would lead to a non-zero high (above 0.8) value. This is a fingerprint for the
direct conversion of CO, to CO. The decrease in the selectivity to CO with rising CO,
conversion is due to further consumption of CO to hydrocarbons. The selectivity to higher
hydrocarbons increases with an increase in the conversion. Its linear extrapolation to zero CO,
conversion would give a zero value, that implies that C,,-hydrocarbons are not formed directly
from CO; (Figure 4.37b). CO is also hydrogenated to methane as could be concluded from
rising CH4 selectivity with rising CO, conversion. However, a non-zero CHj selectivity at zero
degree of CO, conversion obtained by a linear extrapolation of the corresponding selectivity-
conversion relationship suggests that CHy4 is also formed directly from CO, (Figure 4.37c¢).
Therefore, two pathways of CH, formation could be postulated. The above results prove again
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that overall pathways of CO, hydrogenationto CO, CH4 and C,+-hydrocarbons do not depend

on the kind of catalysts applied and isuniform for all materials investigated in this study (Figure

4.11).
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Figure 4.37. (a)-(c) Selectivity-conversion relationships (d) olefin/paraftin ratio within C,-Cy4
hydrocarbons dependence from conversion obtained over magnetite containing
catalysts promoted with different kind of alkali promoter. Reaction conditions:
total pressure: 15 bar, reaction feed: CO,:Hy:N, = 1:3:0.3, GHSV: 585-70200
mL/g./h, temperature: 300 °C.

The effect of the kind of alkali metal promoter on product distribution in CO,-FTS is clearly
seen from the selectivity-conversion plots for CO, CH4 and C,:-hydrocarbons. Any promoter
positively influences the selectivity to C,;-hydrocarbons and hinders the selectivity to CHy4 but
to a different extent. Li causes the weakest promotion effect followed by Na. The best results
in terms of the highest selectivity to C,.-hydrocarbons and O(C,-C,4)/P(C,-C4) ratio as well as
the lowest selectivity to CH4 were obtained over K-, Rb- or Cs-promoted materials. No

significant difference between these promoters could be established.
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Interestingly, the O(C,-C4)/P(C,-C4) ratio goes through amaximum with rising CO, conversion
and the position of the maximum depends on the kind of the promoter. The lower the
electronegativity (Pauling scale) of the promoter, the higher conversion level is required to
achieve the maximum (Figure 4.37d). The same statement could also be made for the selectivity
to Cy4-hydrocarbons. There is a decrease in this selectivity after reaching about 0.3 degree of
CO; conversion. The lower the electronegativity of the promoter, the stronger the shift of the
selectivity maximum to higher conversion values is (Figure 4.37b). Moreover, the
electronegativity of the alkali metal dopant according to the Pauling scale was successfully
correlated with the overall CO, consumption rate obtained in differential part of the reactor, ie.
at CO, conversion degree below 0.11 (Figure 4.38). The higher the difference between the
electronegativity values of Fe and alkali metal, i.e., the lower the electronegativity of the alkali
metal, the higher the consumption rate is. It was also determined that the rate C,.-hydrocarbons
formation increases but the rate of CH,; formation decreases, when the alkali metal
electronegativity decreases. Such correlationsallow to assume thatan alkali metal donatessome
electron density to a catalyst, thus, increasing its basicity. As CO; is an acidic molecule, this

leads to its stronger adsorption on a surface and, consequently, to a higher C/H ratio.
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Figure 4.38. The dependence of CO, consumption rate (r(CO,)); Cy+-hydrocarbons (r{C»-))
and CH,4 formation rates (r{CH4)) from the electronegativity difference (Pauling
scale) between Fe and alkali metal promoter (EN). Reaction conditions: total
pressure: 15 bar, reaction feed: CO,:H,:N, = 1:3:0.3, GHSV: 35100 mL/g,/h,
temperature: 300 °C.

To derive additional insights into the effect of the kind of alkali metal promoter on catalyst

activity, segmental rates of CO, consumption, C,:-hydrocarbons and CH,4 formation as well as
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the ratio of the latter two were calculated accordingto equation 4.8 also used for analyzing

CO,-FTS over hematite-containing catalysts in section 4.2.5. For all materials, there is a

decrease in the consumption rate of CO; along the catalyst bed due to a decrease in the partial

pressure of CO, (Figure 4.39a).

Segmental r(CO,) / mmol/h/g

Segmental r(CH,) / mmol/h/g

Figure 4.39.
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Spatial profiles of (a) segmental CO, consumption rate, (b) segmental formation
rates of C,s-hydrocarbons, (c) segmental formation rates of CH4 and (d) Cp-
hydrocarbons/CH,4 formation rates ratio. Presented values are obtained over 10,
20, 50, 100,300 mg catalyst mass loads by substitution previous mass load values
from the current. Therefore, shown data represents formation rates of the specific
reaction products on the catalyst bed intervals normalized to 300 mg mass load.

Therate of CH, formation also decreases from upstream to downstream segment (Figure 4.39c).

Remarkably, Fe ¢ 0.005K produces almost no CH4 after the first 1/6 layer of 300 mg catalyst
bed, while this activity level over Fe ¢ 0.005Rband Fe ¢ 0.005Cs is achieved after the first

1/3 layer. Non-doped, Li- or Na-promoted catalysts produce CH, along the whole catalyst bed.

Interestingly, the K, Rb and Cs promoters decrease the CH4 formation rate in the first segment

(differential

reactor operation), while Li and Na have almost no effect. The formation rate of
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Cy+-hydrocarbons has a maximum along the catalyst bed for all the catalysts except for the K-
and Cs-promoted materials (Figure 4.39b). The maximum is present due to the fact C,.-
hydrocarbons are secondary products. CO is produced in a first part of the catalyst bed and then
hydrogenated to hydrocarbons. The highest ratio of C,;/CH4 formation rates also passes a
maximum in downstream-located catalyst layers. The highest peak value has K-promoted
catalyst, followed by Rb- and Cs-doped materials. The maximum is achieved between the 1/6
and 1/3 segments of the catalyst bed for unpromoted and Li-promoted materials, while for the
Na- or K-containing catalysts, the peak position is between the first 1/15 and1/6 part of the bed.
For the Rb-promoted catalyst it shifts even more to the inlet, the maximum is achieved in the

1/30-1/15 located segment. No maximum was detected for the Cs-doped sample.

4.3.3 The effect of the amount of Rb promoter on catalytic performance

CO,-FTS experiments over magnetite-containing catalyst promoted with different amounts of
Rb were conducted over about 65 h on-stream at 300 °C, 15 bar and different contact times
without any preceding catalyst reduction. The catalysts reached their steady-state operation
after 30 h and remained stable for the remaining time (Figure 4.40). To illustrate the effect of
Rb loading on product selectivity, selectivity-conversion plots for CO, CH4 and Cj;-
hydrocarbons as well as an O(C,-C4)/P(C,-C4)-conversion plot were prepared and are shown in
Figure 4.41. Different degrees of CO, conversion were achieved by changing the contact time
through varying the catalyst amount (600, 300, 100, 50, 20, 10, 5 mg) while using a constant
feed flow.
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Figure 4.40. On-stream profiles of (a) CO, conversion and (b) product selectivity (c)
olefin/paraffin ratio within C,-C4 hydrocarbons in CO;, hydrogenation over
magnetite containing catalysts promoted with different amount of Rb. Reaction
conditions: total pressure: 15 bar, reaction feed: CO,:H;:N, = 1:3:0.3, GHSV:
7020 mL/g./h, temperature: 300 °C, catalyst amount: 50 mg.
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Any amount of Rb promoter positively influences the selectivity to C,+-hydrocarbons and
hinders the selectivity to CH4 as well as enhances the O(C,-C4)/P(C,-C4) ratio. While
Fe ¢ 0.001Rb has a moderate effect on the selectivity to C,.-hydrocarbons, the highest values
were obtained over Fe ¢ 0.005Rb. The selectivity slightly decreases with a further increase in
Rb loading. The decrease is due to higher CO selectivity, because the selectivity to CH4 over
the catalyst with the Rb/Fe atomic ratio of 0.005 does not meaningfully differ from that over
Fe ¢ 0.0IRband Fe c 0.05Rb (Figure 4.41b,c). This result suggests that an optimal Rb
content is required for efficient CO hydrogenation to higher hydrocarbons. An analogous
conclusion could be made about the effect of promoter concentration on the O(C,-Cy4)/P(C,-Cy)
ratio. The highest value was obtained over Fe_c¢ 0.01Rb at the degree of CO, conversion of
0.3. Fe_c 0.05Rb catalyst containing the highest amount of the promoter revealed noticeably
lower O(C,-C4)/P(C,-Cy4) ratio even in comparison with Fe_c¢_0.005Rb material at level of CO,

conversion higher than0.2.
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Figure 4.41. (a)-(c) Selectivity-conversion relationships (d) olefin/paraftin ratio within C,-Cy4
hydrocarbons dependence from conversion obtained over magnetite containing
catalysts promoted with different amounts of Rb. Reaction conditions: total
pressure: 15 bar, reaction feed: CO,:Hy:N, = 1:3:0.3, GHSV: 585-70200
mL/g./h, temperature: 300 °C.
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Further insights into the effect of Rb content on CO,-FTS were derived through analyzing

segmental rates of overall CO, consumption, C,-hydrocarbons and CH,4 formation as well as

C,./CH4 formation rate ratio (Figure 4.42). For all catalysts, there is a decrease in the

consumptionrate of CO, along the catalyst bed due to transition from differential to integral

reactor operation mode (Figure 4.42a). The Fe ¢ 0.01Rb material showed higher value of the

reaction rate than Fe c 0.05Rb catalyst in the first segment, where differential operation

conditions are achieved. Lower values were determined for Fe ¢ 0.001Rband Fe ¢ 0.005Rb

catalysts, which do not differ much in this regard. But they are more than one and a half times

greater than the one determined for the unpromoted material in the first 1/30 segment.
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Figure 4.42.
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Spatial profiles of (a) segmental CO, consumption rate, (b) segmental formation
rates of C,s-hydrocarbons, (c) segmental formation rates of CH4 and (d) Cp-
hydrocarbons/CH4 formation rates ratio. Presented values are obtained over 10,
20,50, 100,300 mg catalyst mass loads by substitution previous mass load values
from the current. Therefore, shown data represents formation rates of the specific
reaction products on the catalyst bed intervals normalized to 300 mg mass load.

Spatial distribution of the CH4 formation rate also shows a decreasing tendency along the

catalyst bed (Figure 4.42c¢). The catalyst with the Rb/Fe atomic ratio of 0.001 has the weakest
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effecton methane formation rate in comparison with the unpromoted catalyst. The lowest value
of CH4 formation rate (the strongest effect) in the initial part of the catalyst bed has
Fe c 0.005Rb. Nevertheless, the rate over this catalyst decreases along the catalyst bed and
becomes almost the same as the methane formationrate values determined for Fe ¢ 0.01Rb
and Fe c 0.05Rb catalysts. The formation rate of C,.-hydrocarbons over Fe ¢ OM and
Fe ¢ 0.005Rb passes a maximum along the catalyst bed (Figure 4.42b). Fe ¢ 0.01RD has the
highest C,;/CH4 formation rate ratio in the first bed segment but Fe_c¢_0.005Rb material shows
the highest maximum value (Figure 4.42d). The peak maximum of C,./CH,4 formation rate ratio

is achieved between the first 1/30 and 1/15 located segment for all Rb-promoted materials.

4.3.4 The contribution of methane formation routes into the overall methane production

over alkali metal promoted magnetite containing catalysts

As concluded from the selectivity-conversion relationships in Figure 4.41, there are two
primary reactions in the course of CO,-FTS: CO, conversionto CO and CHy (Figure 4.43). To
understand the influence of the kind of alkali metal promoter and the amount of Rb on the
individual routes of methane formation, the rates of methane formation were analyzed as a
function of CO, conversion degree. r% CHy) reflects the rate of CO;, hydrogenation to CH4 and
°(CO) stands for the rate of CO; conversion into CO. CO can be further hydrogenated to CH,4
and C,+-hydrocarbons. Hereafter, r°O(CH,4) stands for the rate of CO conversion into CH,4 and

1€9(C,4) is the rate of CO conversion into C,.-hydrocarbons.

CO, FE& C,.,-hydrocarbons

1%‘ CH,

Figure 4.43. The scheme of CO, conversion into various reaction products with the
abbreviations used for the specific reaction rates.

On this basis, the primary (at zero degree of CO, conversion) selectivity to methane (S%(CHy,))
can be expressed through r% CH,4) and r%(CO) according to equation 4.10. Using this equation,
it is possible to calculate the ratio of r%(CO) to r%(CH,) from S°%(CHy) (equation 4.11) and to get

a relationship between primary r% CO) and r%(CH,4) reaction rates (equation 4.12).
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r®(CHy) _ 1

0 —

SP(CHy) = ey o) — 1o ro((CcP?)) (4.10)
r’(CO) _ 1-S°(CHy)

rO(CHy)  S%(CHy) (4.11)
0 1-S°(CHy) o

r0(C0) = oy rO(CHy) (4.12)

Under consideration of CO hydrogenation to methane, the selectivity to the latter product ata

non-zero degree of CO, conversion (S{(CH,4)) can be expressed by equation 4.13.

r(CH,) +rO(CH,) _ 1%CH4) +rCO(CHy)
r(C0)—rCO(C,4)—rCO(CH,)+rCO(CH,) +1r0(CH,) +1C0(Cpy) ~ rO(CH,)+r9(CO)

Si(CH,) = (4.13)

Substituting the expression for r°(CO) from equations 4.12 into equation 4.13 would lead to
equation 4.14. The ratio of r°©(CH,) to r%(CHy4) could be obtained from the latter expression

and is given in equation 4.15.

0( )+rC0 1+rC0(CH4)

. CH,) +1CO(CHy) rO(CHy) CO(CcHy)

Si(CH,) = —————* = D — (45 SO(CH 4.14
( 4—) I‘O(CH4)+1;§(0((:I(_:[:[;‘)I‘O(CH4) 1+1;§?C(:I:)4) ( O(CH ) ) ( 4-) ( )
rCO(CHy) _ S'(CH,)-S°(CH,) (4.15)

rO(CHy) SO(CH,)

As the total rate of CH4 formation is defined as the sum of the reaction rates of primary and
secondary pathways (equation 4.16), r% CH,4) and r®©(CH,4) can be expressed by equations 4.17
and 4.18, respectively.

ro®@l(CH,) = r°(CH,) + r€(CH,) (4.16)
r0 — ptotal S°(CHy)
(CH,) = rtetal(CH, )SI(CH) (4.17)
i _co
rCO(CH,) = rtotal(cH,) S CHa S (CHy) (4.18)

SI(CHa)

Using equations 4.17 and 4.18, the segmental reaction rates of methane formation through CO
and CO, hydrogenation as well as their ratio (r¢©(CH,)/r°(CH,)) were calculated to
demonstrate how the contribution of the primary CO; methanation and secondary CO
hydrogenation pathways to overall CH4 production depends on the kind of alkali metal
promoter and Rb loading. The obtained results are presented in the form of spatial profiles of
the segmental rates to show their changes along the catalyst bed (Figure 4.44 and Figure 4.45).
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Figure 4.44. Spatial profiles of (a) segmental CO, methanation rate (r% CH,)), (b) segmental
CO hydrogenation to CH4 rate (r°©(CHy)), (c¢) the ratio of CO and CO,
hydrogenation rates to CH4 over the magnetite-containing catalysts promoted with
different kind of alkali metal.

It is seen in Figure 4.44 that the kind of the alkali metal promoter has a decisive effect on the
impact of primary and secondary methane formation routes to the overall methane production.
For all catalysts, an uprising tendency of r®O(CH,)/r%(CH,4) was established with rising CO,
conversion (Figure 4.44c). It could be the consequence of rising CO and decreasing CO; partial
pressures alongthe catalystbed. The dependency yetisnotvery strongforthe Fe ¢ OM catalyst
and the highest ratio value is below 1. This means that the direct CO, methanation pathway has
higher impact on the overall methane production over this catalyst than the CO hydrogenation
route. The addition of Li or Na hinders the latter pathway but only slightly affects the primary
CO; hydrogenation rate. As a consequence, the r°¢(CH,4)/r%(CHy) ratio for these promoted
samples is lower in comparison with the unpromoted catalyst (Figure 4.44). In other words, the
direct methanation is the dominant route of methane formation over Li- or Na-containing
catalysts. As this pathway is almost not affected by the promoters, the low hindering effect on
the overall methane production is observed as could be seen from the methane segmental
formation rate (Figure 4.39¢). The r®O(CH,4)/r% CHy) ratio over Fe_c¢_0.005K is also lower than
the one determined for the unpromoted catalyst. However, unlike Li- or Na-containing materials
both CO and CO, hydrogenation rates are affected by potassium promoter. But secondary CO
hydrogenation pathway is suppressed stronger than the direct methanation route. Therefore, the
CO; hydrogenation to CH,4 as well prevails over K-promoted catalyst. For Fe ¢ 0.005Rb and
Fe ¢ 0.005Cs, the direct CO, methanation is significantly suppressed, while the CO
hydrogenation rate is moderately hindered over Rb-containing catalyst and is almost not
affected by Cs promoter in comparison with the unpromoted counterpart (Figure 4.44a.,b).

Therefore, a decrease in the overall production of methane is observed. As reflected in the
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r€O(CH4)/r°(CH,) ratio for Rb- or Cs-promoted materials, the dominant pathway of methane
formation over these catalysts is the secondary hydrogenation of CO, while the direct

methanation route is drastically suppressed.

Concerning the effect of Rb loading on methane formation, it could be established that the
higher its content, the higher the r®¢(CH,4)/r°(CHy) ratio is (Figure 4.45c¢). That means that CO
hydrogenation route becomes more prominent with rising amount of Rb dopant. This is a result
of a significant decrease in the direct CO, methanation rate and a moderate increase in CO
hydrogenation rate to CH4 with rising Rb content (Figure 4.45a,b). While the direct correlation
could be established between the content of Rb promoter and the decrease in r°(CHy), no direct
dependency between the amount of the alkali metal and the increase in r¢©(CH,) was
determined. Moreover, the strength of this increase is meaningfully lower than the decrease in
the CO, hydrogenation rate to CH4. Therefore, the hinderingeffectof Rb on the overall methane

production is observed.
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Figure 4.45. Spatial profiles of (a) segmental CO, methanation rate (r°(CH,)), (b) segmental
CO hydrogenation to CHy4 rate (r°©(CHy)), (c) the ratio of CO and CO,
hydrogenation rates to CH4 over the magnetite-containing catalysts promoted with
different amount of Rb.

4.3.5 Summary

A series of magnetite-containing catalysts promoted with different alkali metals (Li, Na, K, Rb
or Cs) and different amounts of Rb (the Rb/Fe ratio is 0.001, 0.005, 0.01 and 0.05) were
synthesized through controlled decomposition of commercial iron (II) oxalate dihydrate
promoted with carbonate of the corresponding alkali metal through incipient wetness
impregnation. Neither the kind nor the amount of promoter was identified to affect the phase

composition and the morphology of as-prepared catalysts. When varying the kind of promoter,
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no effect was also established for overall catalyst reducibility with exception for the Na dopant.
However, when the concentration of Rb promoter was increased, a significant shift of the iron
carbides reduction peak maximum was observed. Therefore, it could be assumed that any alkali
metal increases the reducibility, but the manifestation of the effect depends individually on the

amount of the promoter.

A particular focus was put on investigating the promoter effect on product formation in CO,-
FTS from a kinetic viewpoint. The promoter does not change the general pathways of CO,
conversion into CO, CH4 and C,:-hydrocarbons. There is, however, a clear effect of the
promoter on the individual reaction steps and the overall CO, consumption rate. The
electronegativity of the alkali metal according to the Pauling scale was determined to be an
important descriptor positively influencing the CO, hydrogenation rate. Any alkali metal
enhances the selectivity to C,+-hydrocarbons and hinders the selectivity to CH4. However, the
origin of the latter effect depends on the kind of the promoter. Owning to a novel approach of
kinetic analysis it was possible to distinguish the contributions of direct CO, (r°(CHy)) and
secondary CO (r®©(CH,4)) methanation routes to the overall methane production. The addition
of Li or Na moderately lowers the CO hydrogenation rate but almost does not affect the direct
CO; methanation rate in comparison with the unpromoted catalyst. That is why these dopants
have low hindering effect on the overall methane production. Both CO and CO, methanation
pathways are hindered in the presence of K promoter. CO, hydrogenation to CHy is the
dominant route to this product over unpromoted, Li-, Na- or K-containing catalysts as
concluded from the r°(CH4)/t% CH,4) ratio values. On the contrary, the direct CO, methanation
is significantly suppressed over Rb- or Cs-promoted catalysts. The secondary CO
hydrogenation is the main route of methane production over these catalysts. The highest
selectivity to C,4-hydrocarbons and the highest O(C,-C,4)/P(C,-C,) ratio as well as the lowest

selectivity to CH4 were obtained over catalysts promoted with K, Rb or Cs.

Any amount of Rb promoter positively influences the selectivity to C,.-hydrocarbons and
hinders the selectivity to CH4 as well as enhances the O(C,-Cy4)/P(C,-Cy4) ratio. There is,
however, an optimal Rb/Fe ratio to achieve the highest performance. A decrease in the direct
methanation rate but an increase in the CO hydrogenation rate to CH4 were determined with
rising Rb concentration. The suppressed overall methane formation is achieved because the
strength of the hindering effect on CO, hydrogenation is meaningfully higher than the increase
in the CO hydrogenation rate.
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5 Conclusions

The present study has demonstrated that tailored decomposition of iron (II) oxalate dihydrate
is a suitable method for the generation of mixed-phase bulk iron-containing catalysts with
tunable fractions of Fe;Oy4, FeO, Fe, Fe;C and/or FesC, phases as well as for the preparation of
single-phase a-Fe O3 with different crystallite size or mixed-phase iron (III) oxide with
adjustable a-/y-Fe,O; ratio. Such purposeful synthesis allows the unambiguous understanding
of the transformation of iron-containing phases under conditions of CO, hydrogenation to
higher hydrocarbons as well as the elucidation of the effects of initial composition and its
structural parameters (crystallite size) on the catalytic performance. The potential of the
introduced approach for preparation of selective catalysts is clearly demonstrated through the
comparison of the achieved catalytic performance with that previously reported in literature.
The developed Fe-based catalysts are on the level with the top 3 best-performing state-of-the-
art materials in terms of suppressed selectivity to methane and enhanced olefin/paraftin ratio

within C,-C4 hydrocarbons.

Reaction pathways of CO, hydrogenation to CO, CH4 and higher hydrocarbons were
established to be not dependent on the initial composition of Fe-based catalysts because of
reaction-induced structural changes. Fe;04, FesC,, Fe;C (to a lesser extent) and Fe (to a lesser
extent) are the main phases present in steady-state catalysts. For all investigated catalysts, CO
is the main primary product, taking part in further hydrogenation to CH,4 and higher
hydrocarbons. Two additional routes of CH4 formation were established, which are the direct
CO, methanation and hydrogenolysis of higher hydrocarbons. The latter reaction plays a role

over unpromoted magnetite-based catalysts.

It was demonstrated that steady-state catalyst composition changes alongthe catalystbed. Fe sC;
is the major component in the upstream located catalyst layers. Its concentration decreases
downstream in favor of Fe;O4. The iron carbide spatial distribution depends on partial pressures
of CO and H,O participating in Fe carburization to FesC, and Fe/FesC, oxidation to Fe;Oy,
respectively. The iron carbide ability to consume CO determines the strength of the decrease in
the ratio of CO/H,0 along the catalysts bed and the spatial distribution of FesC, and Fe;04. In
view of spatial catalyst composition profiles, the performance — composition relationships can
be unambiguously established when the catalysts are compared at a similar degree of CO;
conversion. Thus, a positive correlation between the fraction of iron carbides in spent catalysts

and the selectivity to C,4-hydrocarbons was determined. Metallic Fe was shown to participate
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in CO hydrogenation to CH4. Beside the RWGS reaction, Fe;O4 is also active in CO,

hydrogenation to CH4 but to a lesser extent.

The reducibility of differently composed Fe-based catalysts, which could be controlled through
varying the initial composition (Fe,O,C,, a-/y-Fe,O3) or the crystallite size of a-Fe,O3, was
proved to be an important factor affecting the overall CO, conversion rate. Higher reducibility
not only increases the CO, consumption rate but also lowers the impact of direct CO,
methanation and increases the impact of CO hydrogenation to CH4 into overall methane
formation. The inhibiting effect of CO, methanation is, however, stronger than the promoting

effect of CO hydrogenation to CHy.

The morphology of iron (II) oxalate dihydrate was shown to have the largest influence on the
selectivity to methane because it determines the defectiveness of FesC,, which is expressed as
theratio of C/Fe. Defective-lesser carbidespossesslowerreactivity towards CO4 hydrogenation
and, therefore, are present in higher amount in down-stream located catalyst layers in
comparison with defective-richer iron carbides. The lower deviation from the stochiometric
composition results in suppressed activity of such FesC, to activate H, and to strongly adsorb
CO and CO,. As a consequence, the overall CO, consumption reaction rate decreases, but lower
selectivity to methane and higher olefin to paraffin (among C,-C4 hydrocarbons) as well as

C,./CH,4 ratios are achieved.

A positive correlation between the electronegativity (the Pauling scale) of alkali metal
promoters for magnetite-containing materials and the overall CO, consumption rate was
established. Any promoter enhances the C,;-hydrocarbons selectivity and suppresses the
selectivity to CHy4. Such correlation suggests that the promoting effect is achieved because of
metal electronic interactions. A promoter donates electronic density to Fe and increases its
basicity, which leads to the stronger adsorption of CO, on a surface and, consequently, to a
higher C/H ratio. The addition of Liand Nalowers the CO hydrogenation rate to CH4 butalmost
does not affect the direct CO, methanation rate in comparison with the unpromoted catalyst.
This is the reason why these dopants have low hindering effect on the overall methane
production. The best-performed catalysts in terms of the highest selectivity to C,.-hydrocarbons
and the O(C,-C4)/P(C,-Cy) ratio and the lowest selectivity to CH4 contain K, Rb or Cs
promoters. The both pathways of methane productionare suppressed over K -promoted material
in comparison with unpromoted catalyst. As concluded from the r¢O(CH,4)/r% CHy,) ratio values
CO; direct methanation is the main pathway of methane formation over unpromoted, Li-, Na-

or K-containing catalysts. This route, on the other hand, is significantly suppressed over Rb- or
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Cs-promoted catalysts, while the CO hydrogenation rate is moderately hindered over Rb-
containing catalyst and is almost not affected by Cs promoter. Therefore, CO hydrogenation to

CHy4 prevails over these catalysts.

Any amount of Rb promoter enhances the selectivity to C,;-hydrocarbons and the O(C,-
C4)/P(C,-Cy) ratio as well as hinders the selectivity to CH4. Nevertheless, there is an optimal
Rb amount ensuring the highest performance. The contribution of CO hydrogenation route into
overall CH4 production becomes more prominent with rising amount of Rb dopant. The reason
for this is a decrease in the direct CO, methanation rate accompanied with an increase in CO
hydrogenation rate to CH4 with increasing Rb content. The strength of the increase, however,
is meaningfully lower than the decrease in the CO, hydrogenation rate to CH4, which

determines the hindering effect of Rb promoter on the overall methane production.
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6 Outlook

As was shown in the present study, iron carbides forming mostly in the up-stream layers of the
catalyst bed upon progressing the CO, conversion are likely to be active in all reactions
occurring during the CO,-FTS. The morphology of iron carbides could significantly differ and
has the largest influence on the product distribution. The defectiveness of FesC, expressed as
the ratio of C/Fe was proved to affect the adsorption of CO, CO, and H,. These interactions
control the C/H ratio on the surface of iron carbide and, consequently, the product selectivity.
Therefore, the approach suggested in the present study should be further applied to get deeper
insights in the factors affecting (i) distribution of iron carbides along the catalyst bed under
CO,-FTS conditions, (i) defect structure of iron carbides, and (iii) the relationships between
structural characteristics of iron carbides and their ability to activate H,, CO and CO,.
Moreover, the fundamentals determining the resistance of iron carbides against irreversible
oxidation to iron oxides by water under reaction conditions should be elucidated. Such
knowledge would be of high importance to control iron carbide distribution from up-stream to
down-stream catalyst layers because the concentration of water formed in CO,-FTS increases

accordingly.

From an engineering point of view, the negative effect of increasing concentration of water
could be partly mitigated by exploiting two consequently connected reactors. The upstream
located reactor is used for the RWGS reaction. The generated dry (after water condensation)
feed is directed to the downstream-located reactor filled with a CO-FTS or CO,-FTS catalyst.
The feed ratio of CO/CO,/H, for the latter reaction can be controlled through operation
conditions of the upstream located reactor. Another engineering possibility to increase iron
carbide content along the catalyst bed and, consequently, the conversion of CO, and selectivity
to C,-hydrocarbons could potentially be the usage of a reverse-flow reactor. The feed mixture
in such reactor s introduced from an “inlet” followed by the change of the flow direction: gases
are fed from an “outlet”. Periodical switches in the flow direction would not allow to reach the
steady-state catalyst composition. If the rate of the carburization of Fe;04 by CO is higher than
the rate of FesC, oxidation by water, an optimal regime of switching time could be found for

the formation of the catalyst composition composed mostly of iron carbides.
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Figure A.1. Mossbauer spectra of fresh and spent (after CO, hydrogenation tests with 300 or
50mgover95honstreamat 300 °Cand total feed flow of 5.85 mL/min) catalysts:
(a) Fe_h 330, (b) Fe_h 330 500, (c) Fe_h 330 650, (d) Fe_h 400 and (e)
Fe h 650. Gray dots and black lines represent experimental spectra and fits,
respectively. (f) An example of spectrum deconvolution using Lorentzian
functions representing different Fe-containing phases in the fresh Fe_h 330 500

sample.
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Figure A.2. DRIFT spectra recorded after 30 min exposure of Fe_h 330 and Fe h 330 650
to CO,:He (1:1) 25 mL/min at 25 and 300 °C.
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Figure A.3. Anexample of the calculation of an initial rate of (a) reduction with H, (H,:He =
1:1) (b) subsequent reoxidation and (c¢) oxidation with CO, (CO,:He = 1:1) using

linear part of the TGA curves for Fe 330 500 sample.
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Figure A.4. The correlation between the initial oxidation rates and the specific surface area of
fresh magnetite containing catalysts.
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Table A.1. Catalytic performance of the present and various state-of-art Fe-based non-
supported and non-doped materials.

Catalyst Troe prea  OMSV/ X0/ S(CO)/SCHY/ SCol Ret
ml/gearh % % % %
Fex0s 300 25 560 30.8 15.7 30.1 54.2 0.0132 [133]
Fe:03 P 300 10 1140 18 16 37 47 0.1 [75]
Fex03_CT600 300 10 1140 23 21 14 65 1.4 [75]
Fe203_CT900 300 10 1140 21 29 36 35 0.2 [75]
Fe 300 10.1 15500 26.9 19 38.5 41.9 [89]
Fe 340 20 6000 12.5 31.9 492 50.8 [134]
Fex03 300 10 1800 14.3 33.2 40.21 26.59 0.03 [135]
Fe 340 20 1200 5.6 12 54.56 34.23 [96]
Fe203 320 5 1000 44.47 8.88 50.87 37.63 03272 [136]
FexOs 400 50 3000 8 78.75 12.5 8.75 [136]
Fe304 320 30 2040 22.8 8 412 50.8 0.2 [101]
Fe304 320 30 2000 293 16.6 50.29 33.03 [137]
Fe304 320 30 4000 9.2 97.9 2.09 0.01 [138]
100Fe 220 9.2 2000 2.4 25.8 58.9 15 [138]
100Fe 270 9.2 2000 21.8 17.3 64.7 16.9 [138]
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GHSV/ X(CO2)/ S(CO)/ S(CHa)/ S(Car)/

Catalyst T/°C P/ bar o/p? Ref.
ml/gearh % % % %
100Fe 300 10.1 8280 16.6 43 24.62 32.09 0.7 [81]
Fe3Oq4 320 30 8000 21.4 10.6 46.80 41 [139]
Fe203-230 230 1.6 6000 9.2 352 28.8 36 [79]
Fex03-190 230 1.6 6000 13.6 22.2 25 52.8 [79]
Fex03-43 230 1.6 6000 7.4 48.1 21.1 30.8 [79]
Fe3O4-pur 320 0.5 560 27.3 31.9 24.79 43.31 0.17 [80]
Fe304-EDA 320 0.5 560 21.8 13.6 23.07 63.33 0.4395 [80]
Fe304-NaAc 320 0.5 560 30.4 18.5 9.78 71.72 6.5111 [80]
Fe304-NaOH 320 0.5 560 30.0 22.9 10.25 66.85 4.3692 [80]
Present
Fe h 330 300 15 1170 29.18 19.72 24.32 55.95 1.0022
work
Present
Fe h 330 500 300 15 1170 23.47 40.87 8.64 50.49 5.9743
work
Present
Fe h 330 650 300 15 1170 19.47 62.48 4.77 32.75 5.2802 «
wor

a. The ratio of olefin to paraffin within the C»-C, hydrocarbons.
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Figure A.5. Selectivity to C,.-hydrocarbons in CO, hydrogenation tests versus content of
FeyC, in spent (a) 300 mg or (b) 50 mg catalysts. Reaction conditions: 300 °C,
CO,:Hy:N,=1:3:0.3, total flow: 5.85 mL/min.
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Figure A.6. CH, distribution among all hydrocarbons (without accounting CO) versus CO,
conversion obtained over the present Fe,O; catalysts (red dots) and previously
reported non-supported unpromoted (black dots)[75, 89, 91,92, 94, 96,101, 133-
139] or promoted non-supported (blue dots) [77, 80, 89,91, 92,94, 96, 101, 133-
146] Fe-based materials.
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Figure A.7. Mossbauer spectra of selected spent catalysts (after CO, hydrogenation tests over
110 h on stream at 300 °C). Gray dots and black lines represent experimental
spectra and fits, respectively.
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Figure A.8.
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An example of spectrum deconvolution using Lorentzian functions representing
different Fe states in the individual Fe-containing phases in the spent Fe_h 23%
sample (100 mg fraction).
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Figure A.9. Dimensionless responses of Arand CO; obtained after pulsing of CO,:Ar=1:1 at
300 °C over selected spent catalysts (100 mg fraction).
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Figure A.10. Dimensionless responses of Ar and CO obtained after pulsing of CO:Ar = 1:1 at
300 °C over selected spent catalysts (100 mg fraction).
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Figure A.11.Height-normalized responses of Ar, H,, D, and HD obtained after pulsing of
H,/Dy/Ar = 1:1:1 at400 °C over selected spent catalysts (100 mg fraction).
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Table A.2. Hyperfine field of different Fe states in the perfect FesC, structure obtained

experimentally in [131] at0 and 298 K.

Fe state Bu(0K)/T By (298K)/T By (0 K)/Byr (298 K)/ -
I 26.1 215 1.214
)| 22.7 18.3 1.240
I 13.8 10.8 1.278
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Figure A.12. Hydrogen consumption peak attributed to iron carbides hydrogenation with the
yield of CHy4 presented for selected 0.005Li/Fe fresh catalyst.

123



Liste der Publikationen

1.

Skrypnik, A.S., Petrov, S.A., Kondratenko, V.A., Yang, Q., Lund, H., Matvienko,
A.A., Kondratenko, E.V., Descriptors affecting methane selectivity in CO,
hydrogenation over unpromoted bulk iron(Ill)-based catalysts, ASC Catal. 2022, in

print.

Skrypnik, A.S., Yang, Q., Matvienko, A.A., Bychkov, V.Yu., Tulenin, Y.P., Lund, H.,
Petrov, S.A., Kraehnert, R., Arinchtein, A., Weiss, J., Brueckner, A., Kondratenko,
E.V., Understanding reaction-induced restructuring of well-defined Fe.O,C.
compositions and its effect on CO;, hydrogenation, Appl. Catal. B2021,291,120121.

DOI: 10.1016/j.apcatb.2021.120121.

. Yang, Q., Kondratenko, V.A., Petrov, S.A., Doronkin, D.E., Saraci, E., Lund, H.,

Arinchtein, A., Krachnert, R., Skrypnik, A.S., Matvienko, A.A., Kondratenko, E.V.,
Identifying Performance Descriptors in CO, Hydrogenation over Iron-based Catalysts
Promoted with Alkali Metals, Angew Chem Int Ed Engl 2022, 61,1 -9.

DOI: 10.1002/anie.202116517.

Yang, Q., Skrypnik, A.S., Matvienko, A.A., Lund, H., Holena, M., Kondratenko, E.V.,
Revealing property-performance relationships for efficient CO, hydrogenation to
higher hydrocarbons over Fe-based catalysts: Statistical analysis of literature data and

its experimental validation, Appl. Catal. B 2021,282,1-11.

DOI: 10.1016/j.apcatb.2020.119554.

5. Skrypnik, A.S., Matvienko, A.A., The study of Nickel product morphology developed

during the gaseous reduction of Nickel oxide, Materials Today: Proceedings 2017, 4,
11425-11429.

DOLI: 10.1016/].matpr.2017.09.021.

. Tretyakov, E.V., Peshkov, R.Y., Panteleeva, E.V., Serypnik, A.S., Stass, D.V.,

Romanenko, G.V.,Ovcharenko, V.1., Addition of cyanomethyl anion to the cyano group
of 2-cyano-4,4,5,5-tetramethyl-4,5-dihydro-1H-imidazol-3-oxide-1-oxyl, a nitronyl
nitroxide, Tetrahedron Lett. 2016, 57, 2327-2330.

DOI: 10.1016/j.tetlet.2016.04.070.

124



Wissenschaftliche Beitrage

Vortrage

Skrypnik, A.S., Matvienko, A.A., The study of the formation of porous nickel in the

reduction of nickel oxide by hydrogen, Russia-Japan Joint Seminar "Non-equilibrium
processing of materials: experiments and modeling", Novosibirsk, Russia, 02. — 04.
October 2018.

Skrypnik, A.S., The study of the mechanism of porous nickel formation during the

gaseous reduction of bulk and nanocrystalline nickel oxide with hydrogen, 56%
International Students Scientific Conference, Novosibirsk, Russia, 22.—27. April 2018.
Skrypnik, A.S., Matvienko, A.A., The study of the morphology and the analysis of the

microstructure evolution of porous metallic nickel during the thermal decomposition of
nickel oxalate dihydrate, 3 International Russia-Kazakhstan Scientific-Applied
Conference "Chemical Technology of Functional Materials", Novosibirsk, Russia, 29.

—30. April 2017.

. Skrypnik, A.S., The study of the mechanism of porous nickel formation during the

gaseous reduction of bulk and nanocrystalline nickel oxide, 55" International Students
Scientific Conference, Novosibirsk, Russia, 16. —20. April 2017.
Skrypnik, A.S., Matvienko, A.A., The study of porous metal nickel microstructure

developed during the gaseous reduction of nanocrystalline nickel oxide, Japan-Russia
Joint Seminar ,,Advanced Materials: Synthesis Process and Nanostructure”, Sendai,
Japan, 19. —24. March 2017.

Skrypnik, A.S., Matvienko, A.A., The study of nickel product morphology developed

during the gaseous reduction of nickel oxide, Russia-Japan Joint Seminar “Advanced
Materials: Synthesis, Processing and Properties of Nanostructures”, Novosibirsk,

Russia, 01. —03. November 2016.

Poster

1.

Skrypnik, A.S., Yang, Q., Matvienko, A.A., Petrov, S.A., Kondratenko, E.V.,

Controlling methane selectivity in CO, hydrogenation over Fe,0s-based catalysts:
effects of iron precursor, particle size and initial composition, 55. Jahrestreffen

Deutscher Katalytiker, Weimar, Germany, 27.— 29. June 2022.

125



Skrypnik, A.S., Yang, Q., Matvienko, A.A., Petrov, S.A., Kondratenko, E.V., Fe-based

catalysts for CO, Fisher-Tropsch: effects of iron precursor and treatment procedure on
Fe-carbides formation and product selectivities, 54. Jahrestreffen Deutscher

Katalytiker, online event, 16. — 19. March 2021.

Skrypnik, A.S., Yang, Q., Matvienko, A.A., Petrov, S.A., Kondratenko, E.V., Fe-based

catalysts for CO, Fisher-Tropsch: effects of iron precursor and treatment procedure on
Fe-carbides formation and product selectivities, SPP2080 Status Colloquium 2021,
online event, 23. —26. February 2021.

Skrypnik, A.S., Yang, Q., Matvienko, A.A., Lund, H., Petrov, S.A., Kondratenko, E.V.,

Approaches for revealing property-performance relationships in CO; hydrogenation to
higher hydrocarbons, Audit LIKAT, online event, 23. November 2020.

Skrypnik, A.S., Matvienko, A.A., The study of the formation mechanism of porous

nickel during the gaseous reduction with hydrogen of bulk and nanocrystalline nickel

oxide, Lomonosov conference, Moscow, Russia, 09. — 13. April 2018.

126



Curriculum vitae

Lebenslauf

Name: Andrey Stanislavovich Skrypnik
Geboren am: 16. September 1995 in Kemerowo

Staatsangehorigkeit: russisch

Promotion

10/2019-09/2022 Doktorarbeit am Leibniz-Institut fiir Katalyse e.V. an der Universitit
Rostock
Betreuer: Herr Prof. Dr. habil. E.V. Kondratenko
Titel der Arbeit: , [ron-based catalysts for CO; conversion into
higher hydrocarbons

Studium

09/2013 - 06/2018 Chemiestudium an der Staatlichen Universitdt Nowosibirsk, Diplom
Titel der Arbeit: ,,Study of porous nickel formation mechanism
during hydrogen reduction of bulk and nanocrystalline nickel oxide

Schulabschluss

2011-2013 Erlangung der Allgemeinen Hochschulreife am klassischen Lyzeum
in Kemerowo, Russland

Kurse

2017 Deutsch als Fremdsprache — Deutsch Bl, Hotel- und
Wirtschaftsschule, Rostock

2016-2019 Praktikum im Novosibirsk Technology Center, Shlumberger,
Nowosibirsk

Auszeichnungen und weitere Tatigkeiten

2019-2020 Forschungsstipendium des DAAD

2017-2018 Staatliches Studienstipendium

2016 Stipendium des Institute of Solid State Chemistry and
Mechanochemistry

Die Teilnahme an Bildungswettbewerben

2018 Diplom des 3. Grades in International Scientific Student Conference

2017 Diplom des 2. Grades in 3" International Russian-Kazakh
Conference "Chemical Technologies of Functional Materials

2012-2013 Russlandweite Schiiler-Olympiade in Chemie:

e Mitglied dervierten regionale Etappe (Kemerowo, Russland)
e 1. Platz in der Stadt Kemerowo (dritte Etappe)
e 2. Platz in der Bezirksklasse in Kemerowo (zweite Etappe)
e 2. Platz in der Schule in Kemerowo (erste Etappe)

Diplom des 3. Grades in der gesamtsibirischen Olympiade

(Nowosibirsk, Russland)

2011-2012 Russlandweite Schiiler-Olympiade in Chemie:

e Mitglied dervierten regionale Etappe (Kemerowo, Russland)
e 2. Platz in der Stadt Kemerowo (dritte Etappe)
e 1. Platz in der Bezirksklasse in Kemerowo (zweite Etappe)

127



e 1. Platz in der Schule in Kemerowo (erste Etappe)
2010-2011 Russlandweite Schiiler-Olympiade in Chemie:
3. Platz in der Region Kemerowo (vierte Etappe)

e 3. Platz in der Stadt Kemerowo (dritte Etappe)
e 1. Platz in der Bezirksklasse Kemerowo (zweite Etappe)
e 1. Platz in der Schule in Kemerowo (erste Etappe)
Sport
2012 Teilnahme an dem Tischtennis Universitdtswettbewerb

2. Platz in dem Tischtennis Wohnheimwettbewerb

128



